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Description
Field of the Invention

[0001] This invention generally relates to methods of removing carbon dioxide from a high-pressure gas stream sub-
stantially free from water vapor and sulfur compounds and recovering the high-pressure substantially pure liquefied
carbon dioxide for further use, processing, and/or storage.

Background

[0002] There is current interest in capturing carbon dioxide (CQO,) from industrial processes and sequestering (or
storing) the captured CO, in a way to prevent CO, gas from entering the atmosphere. The product of combustion in the
manufacture of power and in other combustion processes results in the emission of CO, to the atmosphere. These CO,
emissions are believed by some scientists to contribute to global warming. As a result, CO, is considered to be a Green
House Gas (GHG).

[0003] Carbon dioxide sequestration is achieved by capturing the CO,, and storing it once captured, before it has a
chance to enter the atmosphere. The U.S. Government may soon seek to minimize CO, emissions by promulgating
legislation to enact a "Cap-and-Trade" system, or by other means, such as an EPA edict. The European Union (EU)
and other developed countries have already (or are about to) enact similar legislation to regulate the amount of GHG
emissions.

[0004] The current methods available for capturing CO, are varied. Regardless of the specific method used, the
captured CO, needs to be purified in order to meet the required standards for safe pipeline transmission and injection
to the subsurface, wherein it can be sequestered (stored) for eternity. Until now, there has been no economic incentive
to capture and sequester CO,, and, therefore, there has been little incentive to develop the technology necessary to
carry out this sequestration step. With the impending legislation in the US and abroad, there will soon be an economic
disruption to the status quo of simply discharging CO, to the atmosphere.

[0005] For several years, there has been a debate on the impact of GHG on global warming, and at various times,
individuals and companies have explored, through studies, the economic consequences of having to capture and se-
quester the CO, released during the combustion process. The studies utilized existing technologies, and then applied
an "add-on" technology to treat the captured CO, to make it suitable for sequestration at supercritical pressure, such
as, for example, to prepare it for subsurface injection in various suitable geological formations. The studies demonstrated
that the consequence of CO, sequestration have added a considerable economic penalty with regard to energy production
costs in the form of additional capital expenditures and increased operating costs.

[0006] The United States Department of Energy (U.S. DOE) has been at the forefront of commissioning studies and
has embarked on sponsoring several research and development (R&D) programs intended to look for the most economic
means for producing power, while sequestering CO,. These programs are seeking new technology designed to have
the lowest impact on cost of power to the U.S. industrial and residential consumer. In the studies focusing on various
sequestration processes proposed to-date, the CO, stream could be collected prior to venting, and next compressed in
a multistage CO, compressor to the specified super critical pressure. The compressed CO, would then be sent via
pipeline to the CO, capture site for injection, typically under supercritical conditions, in the targeted geological formation.
[0007] Forexample,in power generation applications, recovery and capture of CO, from these processes is desirable.
As an example, the synthesis gas created in a high-pressure coal (or coke or biomass) gasifier comprises substantial
amounts of carbon monoxide (CO). Conventionally, the synthesis gas is subjected to a number of steps, including gas
cooling, gas scrubbing to remove chlorides, and reaction of the scrubbed gas and with steam in one or more CO-Shift
reactors where the CO is converted into hydrogen and CO, according to the following "CO-Shift Reaction" equilibrium
reaction: CO + H,O = CO, + H, (exothermic reaction).

[0008] Ideally, most of the CO can be converted to CO, and captured, pre-combustion. The resultant synthesis gas
stream, prior to capture, can contain approximately 50% CO, (on a dry basis). Unfortunately, this stream typically also
contains H,S and COS, both of which are undesirable constituents. Conventional removal technologies, such as REC-
TISOL® and SELEXOL™ employ physical solvents such as methanol or dimethyl ether of polyethylene glycol (DEPG)
to achieve the removal of H,S and CO, through proprietary processes. Other proprietary processes, such as MOR-
PHYSORB® and PURISOL® also employ physical solvents to remove H,S and capture CO,. Generally speaking, the
above-mentioned processes each achieve the sequential removal of sulfur-containing constituents followed by the re-
moval of the CO, using a common solvent. The recovered stream containing the sulfur constituents is routed for process-
ing (e.g., in a Claus plant), or a sulfuric acid manufacturing plant while the recovered CO, stream, free from any sulfur-
containing constituent, is vented to atmosphere. WO 2006/037323 A1 relates to a method for recovery of carbon dioxide
from a gas stream. Said document also relates to the use of the method for the recovery of carbon dioxide and a plant
for recovery of carbon dioxide. US 4,609,388 relates to a process for separating acid gases such as CO,, H,S, and
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80,, other sulfur-containing molecules such as COS, and other relatively high boiling point impurities from lower boiling
point components of a gas stream.

[0009] There are differences in the current physical solvent processes that result in differences in both the capital and
operating cost. However, each of these processes suffers from a common drawback: each process regenerates its
solvent by releasing the entire amount of captured CO, at relatively low pressures. This common problem results in the
energy requirement to compress the entire captured CO, from approximately atmospheric pressure to a super critical
pressure needed for sequestration. There are variations in each of the process configurations that partially mitigate
these problems by releasing some of the CO, at modest pressure, but the majority of the CO, is still released at close
to atmospheric pressure. As a result, the overall cost of equipment and energy required for the CO, compression (and
subsequent purification) is a major cost burden on the current CO, capture-compression processes.

[0010] Thus, a need exists for an alternative approach for capturing CO, from a high-pressure gas stream. The
approach should be applicable to a wide variety of processes and conditions, including, but not limited to, high-pressure
synthesis gas and/or high-pressure natural gas originating from a variety of process or natural sources and locations.
The approach should be both energy efficient and cost-effective, both in terms of capital and operating costs.

Summary of the Invention

[0011] The presentinvention is defined in the independent claim. Preferred embodiments of the invention are set forth
in the sub-claims.

Brief Description of the Drawings

[0012] Various embodiments of the present invention are described in detail below with reference to the attached
drawing figures, wherein:

FIG. 1is a schematic overview of a CO, recovery facility configured according to the method of the present invention;
FIG. 2 is a schematic flow diagram of one example process with a feed treatment zone suitable to be located
upstream of the basic CO, recovery facility shown in FIG. 1;

FIG. 3 is a graph showing the theoretical percent CO, recovery in conduit 170 due to cooling and condensation
from feed gases having different concentration levels of CO, and different pressures available in the first separation
zone 150 of the recovery facility shown in FIG. 1; .

FIGS. 4a and 4b are schematic flow diagrams representing a CO, recovery facility configured according to the
method of the present invention, wherein the facility utilizes an absorption method to remove at least a portion of
the CO, from an incoming feed gas stream;

FIGS. 5a and 5b are schematic flow diagrams representing another CO, recovery facility configured according to
the method of the present invention, wherein the facility utilizes an adsorption method to remove at least a portion
of the CO, from an incoming feed gas stream; and

FIGS. 6a and 6b are schematic flow diagrams representing yet another CO, recovery facility configured according
to the method of the present invention, wherein the facility utilizes a deliberate freezing method to remove at least
a portion of the CO, from an incoming feed gas stream.

[0013] A more detailed description of various embodiments of the present invention will now be discussed herein with
reference to the foregoing drawings. The following description is to be taken by way of illustration and not undue limitation.

Detailed Description

[0014] In accordance with one or more embodiments of the present invention, a process to capture carbon dioxide
(CO,) from a substantially dry, low sulfur high-pressure hydrocarbon gas stream is provided. The resultant CO,-depleted
hydrocarbon stream can be substantially free of CO, and the recovered CO, stream, which comprises or consists
essentially of purified CO, ata pressure near, at, orabove supercritical pressure, can be utilized in a variety of applications
(e.g., Enhanced Oil Recovery) or sequestered (e.g., stored) indefinitely.

[0015] According to the present invention, a CO, recovery facility comprises a first separation step operable to cool
a high-pressure gas stream to thereby condense at least a portion of the CO, therefrom. The resulting uncondensed
CO,-lean gas stream is then subjected to a second separation step or stage, wherein additional CO, is removed via
adsorption, absorption, and/or freezing. Various embodiments of second stage recovery processes that utilize CO,
adsorption, absorption, or freezing are illustrated in and described shortly with respect to FIGS. 4a and 4b, 5a and 5b,
6a and 6b. The condensed COo-rich fraction withdrawn from the first separation stage and the CO,-rich liquid stream
exiting the second separation stage are combined and further processed (e.g., fractionated) to produce a high-pressure
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but sub-critical purified CO, liquid stream, which can then be pumped to above critical pressure and utilized or stored
as described above.

[0016] According to one or more embodiments of the present invention, at least a portion of the CO, recovery in the
second separation zone can be carried out by (1) adsorbing CO, from the uncondensed CO,-lean fraction; (2) absorbing
CO, from the uncondensed CO,-lean fraction, and/or; (3) freezing CO, from the uncondensed CO,-lean fraction. When
the recovery process employed in the second stage includes adsorption, the resulting CO, vapor stream can be com-
pressed, cocled and condensed to result in a high-pressure CO,-rich liquid stream. This stream is then combined with
the COo-rich fraction withdrawn from the first separation stage. When the recovery process employed in the second
stage includes absorption, the resulting CO, vapor stream is compressed and/or cooled and condensed to result in a
high-pressure CO,-rich liquid stream. This stream is then combined with the CO,-rich fraction withdrawn from the first
separation stage. When the recovery process employed in the second stage includes freezing, the resulting CO, solids
can be melted and the resulting CO,-rich liquid is combined with the CO,-rich fraction withdrawn from the first separation
stage. Aspects and variations of these embodiments can be described in more detail shortly.

[0017] The CO, recovery processes described herein can be operable to recover, in the purified liquid CO, stream
withdrawn from the final separation stage, between 75 and 99 percent or at least about 75, 90, 95, or 99 percent of the
CO, originally present in the high-pressure feed gas stream. At the same time, these processes and systems can achieve
the above-described capture of CO, with substantially lower energy usage than many conventional and current CO,
separation or recovery technologies. At least a portion of this energy savings can be attributed to the fact that at least
a portion (or a substantial portion) of the volume of the recovered CO, may not be subjected to the energy penalty
associated with the recompression of CO,. As used herein, the term "compression” is defined as increasing the pressure
of a gas or vapor stream. In one embodiment, no more than 90, 80, 50, 25, or 10 percent of the CO, present in the final
purified CO,-rich liquid stream was subjected to compression during the recovery process employed in second separation
zone 200.

[0018] Referring initially to FIG. 1, according to the invention a CO, recovery facility is schematically shown as com-
prising a first separation zone 150, a second separation zone 200, and a third separation or purification zone 300.
Depending on the concentration of CO, and the pressure of the feed gas, the percentage recovery of CO, that can be
recovered in first separation zone 150 can be in the range of between 10 to 95 percent (See FIG. 3). The balance of
noncondensed CO, is then subjected to additional processing in the second separation zone 200, wherein the CO, is
recovered via (1) adsorption, (2) absorption, and/or (3) solidification by freezing. Following the recovery of at least some
of the CO, in the second separation zone, the CO, can then be liguefied by compression and cooling, in the case of (1)
adsorption, oris then liquefied by compression and/or cooling, in the case of (2) absorption, or can then be liquefied by
melting in the case of freezing. In all cases, the rich CO, liquid streams captured from first and second separation zones
150, 200 are combined and purified in third separation zone 300. Optionally, one or more enrichment zones illustrated
here as first enrichment zone 130 and second enrichment zone 190, can be utilized to enrich the CO, content of the
gas streams entering first and second separation zones 150, 200. Additional details regarding the configuration and
operation of CO, recovery facility 10 can be described shortly.

[0019] Carbon dioxide recovery facility 10 can be operable to remove or capture CO, from a variety of different types
of high-pressure gas streams. In one embodiment, the high-pressure feed gas streams processed in recovery facility
10 can have a pressure greater than 5309 hPa, or of at least 24132 or 344738 hPa (greater than 77 psia, or at least
350 psia or 5000 psia). For example, the high-pressure gas or feed gas streams introduced into the first separation zone
150 via conduits 100A and optional enrichment zone 130 can comprise between 10 and 95 or at least 5, 10, 20, 30, 40,
50, 60, 70, 80, 90, or 95 mole percent CO,. Suitable types of feed gas streams can include sources of both natural and
synthetic (e.g., synthesis) gases originating from a variety of different sources. Additional details regarding specific
applications will be discussed in detail shortly.

[0020] Gas streams processed according to embodiments of the present invention can include one or more suitable
non-CO, compounds in the range of 5 to 90 mole percent or not more than 95, 90, 80, 70, 60, 50, 40, 30, 20, 10, or 5
mole percent of the feed gas stream. As used herein, the term "non-CO, compound" is any chemical component that
is not carbon dioxide. Some non-CO, compounds can be "suitable” non- CO, compounds, while other non-CO, com-
pounds can be "unsuitable" non-CO, compounds. Examples of suitable non-CO, component can include any component
or material having a normal average boiling point (nabp) of cooler than -78.9°C (-110°F). One exception is ethane whose
normal boiling point (nbp) is -88.6°C (-127.5°F). However, ethane cannot be considered a suitable non-CO, component,
as it tends to form an azeotropic mixture with CO,. Examples of suitable non-CO, components that can be present in
the high-pressure gas stream processed by CO, recovery facility 10 are summarized in Table 1A, below.

Table 1A: Examples of Suitable non-CO, Gas Components

Component Normal Boiling Point

Hydrogen -252.8°C (-423°F)
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(continued)

Component Normal Boiling Point
Methane -161.7°C (-259°F)
Nitrogen -195.6°C (-320°F)

Carbon Monoxide -191.7°C (-313°F)
Oxygen -182.8°C (-297°F)

[0021] Non-CO, compounds having a boiling point greater (e.g. warmer) than -78.9°C (-110°F) are unsuitable for
processing in the CO, facilities as described herein and can typically be present in the high-pressure gas stream in only
small amounts. If any unsuitable non-CO, gas components are present in the feed gas, these components can be
removed via one or more appropriate state-of-the-art pre-treatment processes (not shown) prior to introducing the feed
gas into first separation zone 150. Examples of unsuitable non-CO, components are provided in Table 1B, below.

Table 1B: Examples of Un-Suitable non-CO, Gas Components

Component Normal Boiling Point
all Alkanes (except CH,) Various
Hydrogen Sulfide -60°C (-76°F)
Sulfur Dioxide -10°C (+14°F)
Carbonyl Sulfide -50.6°C (-59°F)
Water +100°C (+212°F)

[0022] Tuming now to FIG. 2, one example of a possible arrangement for treating the high pressure gas stream
upstream of the recovery facility shown in FIG. 1 is illustrated. The system depicted in FIG. 2 shows how a synthesis
gas stream from a coal or coke gasifier can be treated. These steps may include: chloride removal, high temp/low temp
(HT/LT) recovery, selective HS removal in, for example a SELEXOL™ (or DEPG) plant, or potentially a selective amine
plant utilizing an amine such as MDEA. The H,S, if selectively removed, could be sent for sulfur recovery such as a
Claus or oxy-Claus unit, or instead to a sulfuric acid manufacturing plant. The gas, which has been treated to remove
substantially all of the H,5S, can then be treated in a conventional multi-bed CO-shift plant to shift some, or most, of the
CO to CO, in the WG shift reaction: CO+H,0 = CO, + H, (exothermic). Following CO shift, further HT/LT heat recovery
is required. Additional cooling and water condensation results in a water saturated gas at about 7.2 °C (45°F). Final
water and any residual sulfur compounds can be removed in a molecular sieve contact bed.

[0023] After exiting the example pretreatment process, potential arrangement of which is illustrated in FIG. 2, the
pretreated gas in conduit 100A or 100B (if optional device 130 is not used) can be sent to the CO, recovery facility 10
shown in FIG. 1.,specific embodiments and variations of which can be described in detail shortly. The pretreated gas
can be substantially free from non-methane hydrocarbons, sulfur compounds, and water vapor prior to being introduced
into recovery facility 10 shown in FIG. 1.

[0024] Referring now to FIG. 3, a graphical representation of the relationship between feed gas pressure and CO,
recovery, following cooling and condensation for various levels (e.g., volume percents) of CO, in the feed gas, is provided.
FIG. 3 assumes a gaseous mixture of suitable non-CO, components (in any combination of concentration) and an
amount of CO,, as indicated by each of the six lines of constant CO, concentration. For example, the uppermost line
represents expected CO, recoveries at given feed gas pressures for a gas mixture comprising 80 percent (by volume)
CO,and 20 percent of a suitable non-CO, gas components. Similarly, the lowermost line corresponds to various expected
CO, recovery percents as a function of feed gas pressure of a mixture of 10 volume percent CO, and 90 percent of one
or more suitable non-CO, gas components.

[0025] It may be desirable to remove as much of the CO, from the feed gas stream as possible by condensation in
first separation zone 150. As evidenced by FIG. 3, the higher the feed gas concentration in CO, and the higher the
pressure of the feed gas, the more CO, can be condensed in the first separation zone. Conversely, lower levels of CO,
concentration and/or lower feed gas pressures reduces the amount of CO, that will condense in the first separation zone
150. A plant-by-plant economic analysis may provide additional guidance regarding specific operating conditions for
implementing embodiments of the present invention to cost effectively achieve bulk CO, capture in liquid form.

[0026] In one embodiment depicted in FIG. 1, one or more CO, enrichment zones (e.g., zones 130 and/or 190) can
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be located upstream of first and/or second separation zones 150, 200 to thereby increase the concentration of CO, in
the incoming (feed) gas streams. Use of one or more enrichment zones may be advantageous when, for example, the
high-pressure gas stream in conduit 100A of the CO, recovery facility illustrated in FIG. 1 comprises less than 30, 20,
10, or 5 mole percent CO,. In another embodiment, one or more enrichment zones can be useful when, for example,
there is a sufficient pressure differential between the high-pressure feed gas stream and the desired pressure of the
final CO,-depleted gas stream withdrawn from second separation zone 200 in conduit 210.

[0027] As shown in FIG. 1, an enrichment zone is utilized upstream of first separation zone 150. The high-pressure
gas stream, which has a pressure greater than 5309 hPa (77 psia) and which can have a pressure of at least 24132 or
at least 344738 hPa (at least 350 or at least 5000 psia), in conduit 100A is massed through first enrichment zone 130
prior to entering first separation zone 150. First enrichment zone 130 can be any process or step operable to remove
at least a portion of the non-CO, components, thereby enriching the high-pressure feed gas in CO, concentration. The
first enrichment zone 130 can comprise at least one membrane separation device (not shown) and can be operable to
remove a first permeate stream 102 from the high-pressure gas stream passing therethrough. When two or more mem-
brane separators are utilized, the separators can be arranged in series and/or parallel and can, in some embodiments,
utilize at least a portion of the surplus energy. In the absence of any surplus energy, the enrichment zone 130 can use
a compressor to boost the pressure upstream of the membrane to increase the diffusion driving force through the
membrane(s). As a result, a higher pressure non-permeate gas stream can enter first separation zone 150, which results
in a pressure in conduit 170 greater than 5,309 hPa (77 psia).

[0028] At least one membrane separation device can be operable to allow hydrogen to preferentially permeate, by
diffusion, through the membrane(s). The hydrogen-rich permeate can be at a substantially lower pressure than the high-
pressure feed gas stream, while the pressure difference between the feed gas and the non-permeate (e.g., filtrate)
stream can be relatively insignificant. By employing a method of partial hydrogen removal via the permeate stream
(conduit 102) effectively increases the concentration of CO, in the non-permeate stream (conduit 100B). This will improve
the effectiveness of the current invention. Additional compression upstream of the membrane separators within enrich-
ment zone 130, if utilized, could add further benefit, as the gas entering conduit 100B can be both more concentrated
in CO, and also at a higher pressure compared to the gas in 100A. Both effects may be desirable outcomes to improve
the amount of CO,, that can be successfully condensed in separation zone 150 (via conduit 170), as illustrated in FIG. 3.
[0029] According to one embodimentillustrated in FIG. 1, at least a portion of first permeate stream 102 can be routed
around the cooling step of first separation zone 150. Optionally, the portion of the first permeate stream 102 bypassing
first separation zone 150 can be combined in conduit 106 with at least a portion of the uncondensed CO,-lean fraction
exiting first separation zone and the combined stream can be passed via conduit 160 into second separation zone 200.
In addition or in the alternative, the portion of the first permeate stream bypassing first separation zone 150 can be
combined with the CO,-depleted product gas stream withdrawn from second separation zone 200 in conduit 210. The
amount of the first permeate stream bypassing first and/or second separation zones 150, 200 depends, in part, on the
composition, the pressure and the rate of the feed gas stream, as well as the desired compositions and rates of the
CO,-depleted product gas stream and the purified liquid CO, stream exiting CO,, recovery facility 10.

[0030] After pretreatment and optional CO,-enrichment, the high-pressure gas stream in conduit 100B can comprise
not more than about 50, 25, 20, or 1ppmv of water. Typically, the amount of sulfur compounds can be limited to local
governmental environmental permit restraints on the final disposition of gas stream leaving 210, and to the ultimate
disposition to the atmosphere following (for example) combination in a gas turbine exhausting to the atmosphere. In one
embodiment, the high pressure gas stream in conduit 100B can comprise less than 10, 1, or 0.1 mole percent of one or
more sulfur-containing compounds. The concentration of CO, in conduit 100B can be in the range of in between 10
percent and 95 percent, while the pressure can be greater than 19,099 hPa (277 psia) to allow for an approximately
13,790 hPa (200 psi) pressure drop and the resultant CO, product above its triple point pressure of 5,309 hPa (77 psia).
Temperature of the stream 100B can typically be between 0.6°C (33°F) and 51.7°C (125°F), depending, in part, on the
specific configuration of the pretreatment processes employed upstream of the invention. Even higher temperatures can
be achieved when at least one booster compressor is utilized in enrichment zone 130.

[0031] The high-pressure feed gas stream in conduit 100B can then be introduced into first separation zone 150,
wherein the feed gas stream can be cooled and at least partially condensed to thereby provide a condensed COo-rich
fraction in conduit 170 and an uncondensed CO,-lean fraction in conduit 160. Both product streams 160 and 170 exiting
first separation zone 150 can be maintained at relatively high-pressures within about 345 to 13,790 hPa (5 to 200 psia),
or within 345, 3,447, or 13,790 hPa (5, 50, or 200 psia) of the pressure feed gas stream in conduit 100B. In one
embodiment, the pressure of the liquid condensed CO,-rich fraction is greater than 5309 hPa (77 psia) or is at least
44816 or 73774 hPa (at least 650 or at least 1070 psia), while the pressure of the uncondensed CO,-rich fraction in
conduit 160 can be at least 4,164, 24,132, or 344,738 hPa (60.4, 350, or 5,000 psia). First separation zone 150 can be
operable to cause between 10 and 99 or at least 10, 50, or 99 percent of the CO, originally present in feed gas stream
in conduit 100B to condense. Thus, the condensed CO,-rich fraction withdrawn from first separation zone 150 via conduit
170 can comprise of between 10 and 99 percent or at least 10, 50, or 90 percent of the total CO, present in the high-
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pressure feed gas stream present at conduit 100B, while the uncondensed CO,-lean fraction will contain the balance
of CO, of the total CO, originally present in the feed gas stream introduced into first separation zone 150, via conduit
100B. The uncondensed CO,-lean fraction can comprise less than 80, 50, or 10 percent of the total CO, originally
present in the high pressure feed gas stream.

[0032] According to one or more embodiments of the present invention, first separation zone can remove a portion of
the CO, from the high-pressure feed gas stream, while leaving other non-CO, components (such as, for example, one
or more compounds identified in Table 1A) in the uncondensed CO,-lean fraction exiting first separation zone 150 via
conduit 160. For example, the uncondensed CO,-lean fraction exiting first separation zone 150 via conduit 160 can
comprise at least 50, 70, 75, 95, 99 or 100 percent of the total non-CO, components criginally present in the high-
pressure feed gas stream introduced into first separation zone 150. As a result, the condensed COo-rich fraction can
include very small amount of these components, such as, for example, less than 50, 20, or 1 percent of the total amount
of non-CO, components originally present in the high-pressure feed gas stream introduced into conduit 150. Conse-
quently, first separation zone can be capable of producing a high-purity condensed CO,-rich fraction comprising at least
50, 60, 70, 80, 90, or 99 mole percent CO,, while the uncondensed CO,-lean fraction (e.g., the treated feed gas stream)
can comprise less than 50, 40, 30, 20, 10, 5, or 1 mole percent CO,.

[0033] First separation zone 150 can employ any suitable method for cooling and condensing at least a portion of the
CO, from the incoming gas stream, as described above. The first separation zone 150 can employ a plurality (e.g., one
or more) heat exchangers wherein the feed gas can be sequentially cooled to a temperature warmer than -56.6°C
(-69.8°F) or warmer than the freezing point of CO, (e.g., -56.6°C (-69.8°F)). Prevention of cold spots in the final heat
exchanger is desirable in order to prevent the possibility of solid CO, forming and plugging the heat exchanger equipment.
The temperature of condensed CO,-rich fraction in conduit 170 can be warmer than about -56.6°C (-69.8F) and the
temperature of the uncondensed CO,-fraction in conduit 160 can be in the range from -56.6°C (-69.8°F) to ambient
temperature, depending on the extent of cold temperature heat recovery.

[0034] Atleast a portion of the heat recovered from one heat exchange stage can be used in one or more other heat
exchange stages of first separation zone 150. For example, since the high-pressure gas cooling can be achieved in a
plurality of heat exchangers, at least a portion of the cooling energy can be recovered via one or more back heat
exchangers. Use of back heat exchange can minimize the number of progressively cooler refrigeration stages and
increase overall efficiency. The condensed CO,-rich fraction withdrawn from first separation zone 150 via conduit 170
and/or the uncondensed CO,-lean fraction exiting first separation zone 150 via conduit 160 can be used to provide
cooling to one or more streams within first separation zone 150. Both product streams can be maintained at high-
pressure, while allowing for typical pressure drop through the various pieces of equipment. At some point, the liquid CO,
stream can be pumped to a higher pressure in order to extract more cooling effect from the liquid CO,, while preventing
the CO, stream from vaporizing. The final (e.g., warmest) temperature the liquid CO, stream can reach is the bubble
point of the liquid stream. The bubble point temperature is a limit of the amount of cocling available from the separated
crude CO, stream as it is desirable to prevent the CO, from flashing. The high-pressure gas stream can be unlimited
in how much cooling effect it can surrender to the incoming warm hydrocarbon feed gas, other than through limitations
dictated by the temperature driving forces need to encourage the flow of heat through the heat exchanger(s).

[0035] As the CO, condenses out of the feed gas stream in first separation zone 150, the liguefied CO, may be
intermittently separated in one or more phase separator vessels prior to reaching a final phase separator. The first
separation zone can include one separator, two or up to 10 or more separator vessels. According to one embodiment,
two, three, or four separator vessels can be utilized to economically remove the liquefied carbon dioxide.

[0036] At least a portion of the cooling provided in first separation zone 150 can be provided by indirectly heat ex-
changing at least a portion of the feed gas stream with one or more refrigerants. The cooling provided in first separation
zone 150 can be atleast partially, substantially, or entirely provided by a cascade refrigeration system, a mixed refrigerant
refrigeration system, or other less conventional refrigeration systems (e.g., absorption refrigeration and/or acoustic
refrigeration). As used herein, the term "cascade refrigeration system" refers to a refrigeration system employing a
plurality of refrigeration cycles, each employing a different pure component refrigerant to successively cool the incoming
gas stream. A mixed refrigerant refrigeration system employs a mixture of refrigerants comprising a plurality of different
suitable refrigerant components. Cascade refrigeration systems as described herein typically employ two different re-
frigerants in a plurality of different stages operable to cool the feed gas stream from an ambient temperature down to a
temperature not cooler than the freezing point of CO, in a series of discrete steps. Cascade refrigeration systems suitable
for use in first separation zone 150 can comprise a plurality of refrigeration stages employing, as an example, a pre-
dominantly-propane refrigerant, a predominantly-propylene refrigerant, a predominantly-ammonia refrigerant, a predom-
inantly-ethane refrigerant, and/or a predominantly-ethylene refrigerant. Each of the refrigeration cycles typically operate
in a closed-loop cycle and can be arranged in a suitable order needed to match the temperature cooling profile of the
feed gases.

[0037] Referring back to FIG. 1, the uncondensed CO,-lean concentration, which comprises CO, in the range of from
10 to 80 percent is withdrawn from first separation zone 150 via conduit 160 and routed to second separation zone 200.
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When the CO, content of the uncondensed CO,-lean fraction is about 30 mole percent or less, it may be desirable to
pass the stream through a second enrichment zone, depicted as optional second enrichment zone 190 in FIG. 1, to
thereby remove a second permeate stream in conduit 202 and increase the concentration of CO, in the non-permeate
stream. Second enrichment zone 190, when present, can include another set of at least one membrane separator
operable toremove a second, hydrogen-rich permeate stream from the uncondensed CO,-leanfraction, thereby providing
a CO,-concentrated non-permeate stream, which can subsequently be routed to second separation zone 200. As shown
in FIG. 1, the second permeate stream in conduit 202 can be bypassed around second separation zone 200 and can
optionally be combined with a portion of the CO5-depleted vapor stream withdrawn from second separation zone 200
in conduit 210.

[0038] Turning now to second separation zone 200, a CO-rich liquid stream is recovered from the uncondensed
CO,-lean fraction in the second separation zone by utilizing one or more of the following steps: (1) adsorbing CO, from
the uncondensed CO,-lean fraction; (2) absorbing CO, from the uncondensed CO,-lean fraction; and/or (3) deliberately
freezing CO, from the uncondensed CO,-lean fraction. The second separation step can be operated to recover and
condense at least 5, 50, 70, or 80 or up to 99 percent of the total CO, originally present in the uncondensed CO4-lean
fraction in conduit 160, while retaining more than 50, 70, 80, 90, or 99 percent of non-CO, components originally present
inthe uncondensed CO,-lean fraction in conduit 210. The resulting liquid CO,-rich liquid stream exiting second separation
zone 200 via conduit 230 has a pressure of at least 5309 hPa (77 psia) or at least 44816 or 73744 hPa (650 or 1070
psia), or 6895 or 13790 hPa gauge (100 or 200 psig), and can typically comprise at least 50, 60, 70, 80, 90, 95, or 100
or between 90 and 100 mole percent CO,.

[0039] When the recovering step employed in second separation zone 200 comprises adsorbing and/or absorbing
CO, from the uncondensed CO,-lean fraction, the adsorption and/or absorption step can produce a CO,-rich gaseous
stream having a pressure less than the pressure of the high-pressure feed gas. The CO,-rich gas stream can subsequently
be compressed and/or cooled to produce a liquid stream in liquefaction stage 250 to thereby provide a CO,-rich liquid
stream in conduit 230. The pressure of the CO,-rich liquid stream in conduit 230 can be adjusted, by pump, to a pressure
that is substantially the same as the pressure of the condensed CO-rich fraction in conduit 170 such that the two streams
are combined in conduit 260, as shown in FIG. 1. In the event that the pressure of the CO,-rich stream in conduit 230
is higher, after compression, than the pressure of the CO,-rich stream in conduit 170, the adjustment in pressure of the
CO,-rich liquid stream can be made on the stream in conduit 170 by pumping to enable the combining of the two liquid
streams in conduits 230 and 170 without danger of flashing either of the CO,-rich liquid streams in conduit 260. The
combined COx-rich liguid stream in conduit 260, which has a pressure greater than 5409 hPa (77 psia) or of at least
34474 or at least 51711 hPa (at least 500 or at least 750 psia) and possibly of not more than 73744hPa (1070 psia),
can then be fractionated, distilled, or otherwise separated in third separation zone (e.g., CO, purification zone) 300 to
remove most residual non-CO, components and thereby provide a purified CO,-rich liquid stream in conduit 320 having
a pressure greater than 5409 hPa (77 psia) or of at least 6895 or at least 51711 hPa (at least 100 or at least 750 psia)
and possibly of not more than 73744 hPa (1070 psia). The desired final pressure of the purified liquid can be achieved
using a pump 350, located downstream of purification zone 300. Additional details regarding third separation zone 300
will be discussed shortly.

[0040] In one or more embodiments of the present invention, second separation zone 200 can be operated such that
the pressure drop (e.g., pressure loss) of the captured or recovered CO, can be minimized. In one embodiment, the
selection and operation of specific recovery processes (e.g., adsorption, absorption, and/or freezing) can be carried out
to achieve this or other objectives, including, for example, capital and operating cost optimization. Details regarding
various embodiments of each type of recovery process listed above will now be discussed below.

[0041] According to ocne embodiment of the present invention, at least a portion of the CO, recovered in second
separation zone 200 can be adsorbed from the incoming uncondensed CO,-lean gas stream. Adsorption can comprise
removing at least a portion of the incoming CO, with one or more types of solid adsorbents. The adsorption method
generally includes passing a gas stream comprising uncondensed CO, through a Pressure Swing Adsorber (PSA) or
other device to affect the removal of CO, via the adsorption mechanism.

[0042] When the adsorption step includes a PSA, any suitable PSA equivalent technology can be employed to adsorb
at least a portion of the uncondensed CO,, including, for example, a Pressure Swing Adsorber (PSA), a Rapid Cycle
Pressure Swing Adsorber (RCPSA), and/or Rapid Cycle Thermal Adsorber (RCTSA). The former two processes typically
regenerate solid adsorbent via pressure let down, while the latter utilizes thermal methods of regeneration. Regardless
of the type of adsorption equipment or process utilized, the adsorption step can produce a CO,-rich tail gas stream. In
addition to the CO, recovered from the incoming gas stream, the tail gas comprises other non-hydrogen constituents
removed by adsorption on to the bed material and then they are released during the depressurization step of the PSA
process.

[0043] In one embodiment, the pressure of the tail gas stream can be about 0.25 times the absolute pressure of the
uncondensed CO,-lean gas stream introduced into the adsorption zone. While, in another embodiment, the pressure
of the tail gas stream can be in the range of 345 to 8,274 hPa (5 to 120 psia), or 1,379 to 6,895 hPa (20 to 100 psia),
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or less than 3,447 hPa (50 psia). The CO,-rich tail gas stream can be further compressed and cooled in a liquefaction
stage, thereby condensing at least a portion of the CO, from the tail gas stream in conduit 230. Alternatively the com-
pressed, but not condensed, tail gas stream in conduit 240 can be recycled from the compressor in unit 250 and
subsequently combined with at least a portion of the high-pressure gas stream in conduit 100A and/or the high-pressure
feed gas stream in conduit 100B, as shown in FIG. 1 for cooling and condensing in first separation zone 150.

[0044] Any method of adsorption which allows for the CO, to be released from the adsorbent, preferably at a higher
pressure than that stated above, could be advantageous. One embodiment wherein the CO,-depleted tail gas is not
recycled to first separation zone 150 is illustrated, by example, in FIGS. 4a and 4b, described in detail shortly. Turning
back to FIG. 1, when an adsorption step is utilized in second separation zone 200 to recover at least a portion of the
CO,, at least a portion of the compressed, partially-cooled tail gas stream in conduit 240 can be recycled to combine
with the feed gas stream in conduits 100A and/or 100B. While this method may result in potentially higher energy costs,
fewer items of equipment may be needed, resulting in a lower capital expenditure.

[0045] When a PSA unit is employed in second separation zone 200 to adsorb practically all of the CO, from the
uncondensed CO,-lean stream, and the compressed tail gas can be recycled to first separation zone 150, the recycle
can be operated to minimize the buildup of certain constituents in the recycle loop. Conventional PSA units typically
allow an essentially pure hydrogen stream to exit from the PSA, while capturing essentially all the other non-hydrogen
constituents. In one embodiment, the PSA employed in second separation zone 200 can permit at least a portion of the
non-hydrogen constituents to pass through PSA uncaptured to thereby concentrate the CO, in the tail gas rather than
discharge the CO, in the stream captured on the PSA bed, which comprises mostly non-hydrogen constituents. In one
embodiment, the adsorption system comprises an additional mechanism for purging, in a slip stream, non-hydrogen
and/or non-CO, constituents (e.g., nitrogen, carbon monoxide, and methane), which will otherwise have no means to
exit the recycle loop. These non-hydrogen and non-CO, components can be purged from the recycle loop by designing
and/or operating the PSA such that it allows for a breakthrough of constituents such as, for example, nitrogen, carbon
monoxide and methane. Because CO, can be easily captured by adsorption, this type of design and/or operation can
allow for the breakthrough of some or most of the other non-CO, constituents.

[0046] According to another embodiment, build up of these constituents can be prevented by not employing a recycle
loop. According to this embodiment, the PSA could be designed and operated to avoid breakthrough of any of these
constituents, and, the compression and cooling equipment in subsequent processing zones (e.g., liquefaction zone 250)
will effectively condense as much of the CO, as possible. As this design avoids a recycle loop, it will avoid any buildup
of the non-hydrogen and non-CO, constituents. A specific embodiment of a non-recycle loop PSA is provided in FIGS.
4a and 4b. In this embodiment, at least a portion of the uncondensed CO, leaving with the nitrogen, carbon monoxide
and methane can end up discharging in conduit 210, thereby resulting in a slightly lower CO, recovery. This amount of
CO, lost from recovery, can be controlled by adjusting the discharge pressure from the compressor shown within
equipment 250, shown on FIGS. 4a and 4b. In addition, other (more drastic) means by which this amount of CO, can
be mostly prevented from entering the high-pressure hydrocarbon product stream, including, for example by utilizing
any of the other methods disclosed (e.g., absorption and/or freezing) as additional recovery methads for use in second
separation zone 200.

[0047] According to one or more embodiments wherein adsorption is utilized as a CO, recovery method in separation
zone 200, the tail gas (off-gas) stream produced from the adsorption system comprises at least a portion or substantially
all of the captured CO, and at least a portion of the hydrogen originating from the uncondensed COo-lean fraction
introduced into second separation zone 200 via conduit 160. In the adsorption step (e.g., the PSA) can be designed to
recover between 70 and 93 percent of the total amount of hydrogen originally present in the incoming gas stream. This
recovered hydrogen stream can remain at high pressure and can be discharge to conduit 210.

[0048] According to another embodiment of the present invention, at least a portion of the CO, recovered in second
separation zone 200 can be absorbed from the incoming uncondensed CO,-lean gas stream using one or more circulating
liguid solvents. In one embodiment, the absorption of CO, produces a CO,-rich off gas stream, represented by stream
220in FIG. 1, which can subsequently be routed to liquefaction stage 250, wherein the stream can be further compressed
and/or cooled to produce the CO,-rich liquid stream in conduit 230. As described previously, the pressure of the CO,-rich
liguid stream in conduit 230 can be adjusted, via pump to a pressure similar to that of the CO5-rich fraction in conduit
160 before the combined COo-rich stream can be introduced into the third separation zone 300 for purification of the CO-.
[0049] The absorption step utilizes one or more circulating solvents to capture the CO, via physical, or chemical, or
combined (physical/chemical) absorption. Regardless of the specific solvent employed, the unabsorbed, non-CO, gas
stream can leave second separation zone 200, via conduit 210 at a pressure similar to the pressure of the feed pressure
to zone 200, available at conduit 160. The captured CO,-rich off gas is released from the solvent at one or several
pressures ranging from 552 to 27,579 hPa (8 to 400 psia), depending on the solvent used, and the design of the absorption
process. Any suitable circulating solvent can be employed during absorption including, for example, one or more solvents
selected from the group consisting of methanol, SELEXOL™ solvent (e.g., dimethyl ethers of polyethylene glycol or
DEPG), PURISOL® solvent (e.g., N-methylpyrrolidone or NMP), MORPHYSORB® solvent (e.g., N-formylmorpholine
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or NFM and/or N-amylmorpholine or NAM) SULFINOL® solvent (sulfolane and diisopropanolamine or sulfolane and
methyldiethanolamine), Flexsorb® SE solvent (sulfolane and sterically-hindered amine), reversible ionic liquids, propyl-
ene carbonate, hot potassium carbonate, amines, chilled ammonia, ammonium carbonate, and combinations thereof.

[0050] Inone embodiment, the circulating solvent can comprise or be methanol and may, in some embodiments, allow
for the CO, to be regenerated at about 13,790 hPa (200 psig), or above. In another embodiment, other solvents may
be found, or developed in the future which would enable the CO, to be released at even higher pressures. For example,
the regeneration pressure of CO, absorbed by a chilled ammonia solution can be capable of releasing the CO, in the
range 10,342 to 27,579 hPa (150 to 400 psia). On example of such a process can be found in U.S. Patent Application
Publication No. 2010/0064889. In general, it may be desirable to maximize the regeneration pressure of the off gas
stream, thereby minimizing the energy needed to recompress the captured CO,. Depending on the particular solvent
chosen, one or more additional steps (e.g., drying to remove residual moisture) may be needed to treat the CO,-rich off
gas stream prior to further cooling and/or compression.

[0051] According to yet another embodiment of the present invention, at least a portion of the CO, recovered in second
separation zone 200 can be frozen from the incoming uncondensed CO.-lean gas stream to thereby provide CO, solids,
represented in FIG. 1 as stream 221. In order to recover the CO, in a liquid form, the solids can be melted in zone 251
to form a CO,-rich melted stream in conduit 222, which can ultimately be combined with (optionally after being pumped
to a similar pressure) as the condensed CO,-rich fraction in conduit 170 before entering the third zone 300, the purification
zone as shown in FIG. 1.

[0052] The deliberate freezing of CO, in the second separation zone 200 can be accomplished in several ways. In
one embodiment, at least a portion of the CO, solids can be formed on the surfaces of one or more heat exchangers
(e.g., finned heat exchangers supplied with refrigerant sufficiently cold so as to cause the CO, in the vapor phase to be
frozen on to the extended fins of the heat exchanger.) According to this embodiment, once the fins are substantially
covered with frozen CO,, the heat exchanger could be "regenerated” by increasing the temperature of the heat exchanger
surface by, for example, causing a condensed stream of relatively warm refrigerant to be cooled against the melting
solid CO,. The resulting melted CO, stream could then be collected and pumped to be combined with CO4-rich stream
in conduit 170. At the same time, a second finned heat exchanger, operated in parallel, can be placed in service to
deliberately freeze more CO, thereon. These two exchangers can then be operated in a batch or semi-batch mode,
alternating between freezing CO, and regenerating (or melting) CO, to form a CO-rich liquid stream. The heat exchang-
ers can be arranged either in a parallel operation or in a leading-and-lagging arrangement to maximize the fins capacity
to remove CO, prior to regeneration.

[0053] In one embodiment wherein at least a portion of the CO, is recovered via freezing, the equipment can be
designed to allow the CO, to deposit on one or more downward pointing cylindrical posts having a slight taper. This
could allow solid CO,, "rings" to form on the post, which could allow the rings to slide off into a lock hopper or other solids
transport device. The rings could be caused to slide off the post by increasing the temperature of the deposition surface
by, for example, replacing the cold refrigerant inside the heat exchanger surface with warm condensed refrigerant at
pressure. The recovered solid CO, rings could then be dropped from the lock hopper into a CO, melter, while maintaining
the pressure above the CO, to ensure the CO, remains in a liquid state above the triple point temperature and pressure.
This embodiment is broadly illustrated in FIGS. 6a and 6b, which will be discussed in detail shortly.

[0054] Yet another embodiment of second separation zone 200 that employs a freezing step to recover at least a
portion of the CO, is to utilize a process including a Controlled Freezing Zone process, such as, for example, the CFZ™
process that utilizes a distillation column for freezing the CO, via direct contact heat exchange. On example of a process
can be found in U.S. Patent No. 5,062,270. In a alternative variation, at least a portion of the freezing step can be
accomplished using a process similar to the CRYOCELL process in which substantially pure CO, is extracted as a solid
and subsequently melted to recover liquid CO,. In a still other embodiment, a liquid direct contact cooler can be used
to freeze the CO, from the incoming gas stream. According to this embodiment, a suitable liquid, capable of being
pumped below the freezing point temperature of CO,, can be sprayed into a counter current contact column with the
gas stream to be contacted. By virtue of direct contact with the chilled liquid, the CO, will cool and freeze and the solid
(snow-like) particles of CO, will descend to the bottom or lower tray of the column. A slurry of CO, solids and contact
liquid can then be pumped from the tower and directed for further processing including, for example, centrifugation and
melting, or heating and decanting. Preferably, the direct contact heat transfer fluid would have a significantly different
enough density from the melted CO, such that, when the solid CO, is melted within the direct contact heat transfer fluid,
it can form a separate layer from the direct contact heat transfer fluid, thereby facilitating subsequent physical separation
at minimal cost.

[0055] Regardless of the CO, recovery method or methods utilized in the second separation zone 200, the CO,-rich
tail gas (in the case of adsorption), the CO,-rich off gas (in the case of absorption) and/or the CO, sclids (in the case
of freezing) can be converted to the CO4-rich liquid stream in conduit 230 via cooling and compression (if originally a
gas) or melting (if originally a solid). The COy-rich liquid in conduit 230 can be combined with the condensed CO,-rich
fraction in conduit 170 at or near substantially the same pressure before the combined CO,-rich stream in conduit 260
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can be introduced into the CO, purification zone 300. The pressure of the combined CO,-rich liquid stream in conduit
260 can be at a minimum of 5,309 hPa (77 psia), (a liquid above the triple point), and can be as much as 73,774 hPa
(1070 psia), (the critical pressure of CO,). In a preferred embodiment, the pressure range of the feed stream introduced
to separation zone 300 can be between 60% to 95% or 65% to 85% of the critical pressure of CO, (e.g., about 48,263
to 62,742 hPa (700 psia to 910 psia)).

[0056] Inoneembodiment, the condensed CO,-rich fraction exiting the first separation zone 150 via conduit 170 and/or
the CO,-rich liquid stream exiting second separation zone 200 via conduit 230 can be pumped to a pressure within the
preferred pressure range of 48,263 to 62,742 hPa (700 to 910 psia), or at least 6895, 51,711, or 73,774 hPa (100, 750,
or 1070 psia). Third separation zone 300 can comprise one or more separation devices for removing at least a portion,
or substantially all, of the non-CO, components to thereby provide a purified CO,-rich liquid stream that can comprise
CO, between 85 and 99.99%, while still maintaining the high pressure of the purified CO, liquid stream. The CO,-rich
liquid stream in conduit 260 can comprise of at least 80, 90, or 95 mole percent CO,, which can be equal to about 70,
90, 98, 99, or 100 percent of the CO, originally present in the high-pressure feed gas stream. The temperature of the
CO,-rich liquid stream can be no warmer than its bubble point temperature in order to pump it to its optimum pressure
for purification in the third separation zone 300.

[0057] Third separation zone 300 can employ any suitable technique for separating non-CO, components such as:
methane, CO, nitrogen and hydrogen from the combined CO,-rich liquid stream in conduit 260 including, for example,
distillation, fractionation, flashing, and the like. In one embodiment, third separation zone 300 comprises one or more
distillation column for fractionating the combined CO, stream in conduit 260. The combined CO, stream in conduit 260
can be introduced into the upper portion of a first distillation column within zone 300, which can include a plurality of
vapor-liquid contacting surfaces such as trays or packing. The specific placement of the feed location depends, in part,
on the concentration of lighter-end impurities that need to be removed from the combined CO, stream. The feed location
can be positioned a few stages below the condenser inlet in the upper portion of the column.

[0058] The overhead vapor product withdrawn from the distillation column (not shown) in third separation zone 300
can comprise substantially all of the non-CO, components having a lower boiling point than carbon dioxide. The volumetric
flow rate of the overhead stream is relatively smaller than the flow rate of the bottoms stream withdrawn from the column,
which comprises substantially all of the purified CO,. In one embodiment, the overhead stream in conduit 310 can be
combined with the hydrogen-rich stream in conduit 210 withdrawn from second separation zone 200. Altemnatively, the
overhead stream could be recycled back (via conduit 330) and combined with the high-pressure feed gas stream prior
to first separation zone in conduits 100A and/or 100B and/or combined with the uncondensed CO,-lean vapor fraction
upstream of second separation zone 200 in conduit 160.

[0059] The bottoms stream withdrawn from the distillation column (not shown) comprises substantially pure CO,. The
pressure of this stream in conduit 320 can be increased via one or more booster pumps to thereby provide a purified
CO,-rich stream at or above the critical pressure of CO,. Thereafter, the high-pressure, purified CO, stream can be
injected into a geological formation (at or greater than the average formation pressure) or can be further utilized in other
processes (e.g., Enhanced Oil Recovery).

[0060] As discussed previously, embodiments of the present invention have wide applicability to a variety of CO,
recovery facilities. Typically, the CO, recovery facility can be arranged such that the equipment utilized in first, second,
and third separation zones 100, 200, 300 and, if present, first and second enrichments zones 130, 190, as well as any
pre- or posttreatment equipment is located on an area plot space suitably sized to accommodate all the necessary
equipment. The processing facilities can be designed to process a wide variety of feed streams, including, for example,
high-pressure synthesis gas created from the partial oxidation of coal, coke, and/or biomass followed by one or more
CO-shiftreactors. In another example, the high-pressure feed gas can originate from a steam methane reforming process
such as the Advanced Gas Heated Reformer (AGHR) offered by the Johnson Matthey (KATALCO™) Cleveland, UK
followed by a high temperature CO Shift reactor. In yet another example, the high-pressure feed gas stream can originate
from other applications, such as natural gas with very high levels of CO,, such as untreated natural gas found at La
Barge, Wyoming or the Natuna basin.

[0061] As an example of the present invention, bulk removal of CO, from a synthesis gas stream in which all sulfur
components and water vapor have been removed is described. In one embodiment, a synthesis gas stream produced
by gasification of coal, coke or biomass, can undergo a CO shift reaction in one or more CO Shift reactors, as shown
in FIG. 2. The resulting cooled and dried synthesis gas can comprise about 50 mole percent CO, and the pressure can
be in the range of between 27,579 and 82,737 hPa (400 and 1,200 psig). The upper pressure limit can be based, in
large part, on current state-of-the-art equipment design pressure and economic considerations rather than recovery or
process limits. Thus, it should be understood that ultrahigh-pressure gasifiers, contemplated in possible future operations,
will also be a suitable application for systems and processes configured according to embodiments of the present
invention.

[0062] In another example, process configured according to various embodiments of the present invention can be
used for recovery of CO, from the steam methane reforming application. In this embodiment, the synthesis gas exiting
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the high temperature shift can be cooled and dehydrated prior to processing as described above. In this specific em-
bodiment, the feed gas composition can comprise roughly 15 volume percent CO,, with the balance being non-CO,
stream compaonents. The feed gas pressure according to this embodiment can be in the range of 17,237 to 25,855 hPa
(250 to 375 psia). In some embodiments, feed gas streams with low pressure and/or low CO, concentration may only
provide marginal economic benefit. In the preceding example of processing the synthesis gas from a steam methane
reformer followed by co-shift reaction, it may be economically advantageous to process the cooled and dry synthesis
gas through the optional device 130, such as a membrane separator. This will allow for the removal of a large volume
of mostly hydrogen through the permeate stream, which can be sent via conduit 102 (as shown generally in FIG. 1).
The balance of synthesis gas, the non-permeate (filtrate) can be more concentrated in CO». This can benefit the effec-
tiveness of the present invention. The non-permeate can enter 150, via conduit 100B at a higher concentration of CO,
than the gas stream from conduit 100A. According to one embodiment, it can be advantageous to separate at least a
portion of the CO, from the high-pressure feed gas in a liquid form. It can alsc be advantageous to maximize the pressure
of the CO, recovered, as a vapor or a solid, in the second separation zone 200. It may prove to be advantageous to
maximize the CO, content of the high-pressure gas stream in conduits 100A via zone 130.

[0063] Turning now to FIGS. 4-6, several CO, recovery facilities, configured according to three embodiments of the
present invention, are illustrated, particularly showing specific methods for recovering CO, from the cooled CO-lean
gas stream introduced into second separation zone 200 shown in FIG. 1.

[0064] FIGS. 4a and 4b provide a schematic representation of a CO, recovery facility wherein at least a portion of the
CO, captured is recovered via an absorption stage. FIGS. 5a and 5b illustrate a CO, recovery facility employing an
adsorption stage in the second separation zone, and FIGS. 6a and 6b depict a CO, recovery facility utilizing deliberate
freezing to recover CO, from the cooled feed gas stream exiting the first separation zone. The specific configuration
and operation of each of these embodiments of the present invention will now be described in detail, beginning with
FIGS. 4a and 4b.

[0065] Turningfirstto FIGS. 4a and 4b, this embodiment of a CO, recovery facility, which employs an absorption stage
for recovering CO,, is provided. Table 2, below, is a summary of the equipment utilized in the embodiment shown in
FIGS. 4a and 4b.

Table 2: Summary of Equipment for CO, Recovery Facility in FIGS. 4a and 4b

Equipment No. Equipment Type Cross Reference

X 1 BAHX

X 2 Core in Kettle X 65
X 3 Mixer

X 4 BAHX

X 5 Core in Kettle X66
X 6 V/L Separator

X 7 BAHX

X 8 V/L Separator

X 9 Core in Kettle X 53
X 10 VIL Separator

X 11 Core in Kettle X 64
X 12 Core in Kettle X 65
X 13 Core in Kettle X 66
X 14 Core in Kettle X 53
X 15 Mixer

X 16 VIL Separator

X 17 Pump

X 18 Mixer

X 19 Mixer
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(continued)

Equipment No.

Equipment Type

Cross Reference

X 20 Shell & Tube HX

X 21 VIL Separator

X 22 Pump

X 23 Shell & Tube HX

X 24 V/L Separator

X 25 Mixer

X 26 Shell & Tube HX

X 27 VIL Separator

X 28 Pump

X 29 Mixer

X 30 Methanol Stripper

X 31 Compressor

X 32 Shell & Tube HX

X 33 VIL Separator

X 34 Molecular Sieve Package

X 35 Compressor

X 36 Shell & Tube HX

X 37 CO, Absorber

X 38 CO, Purifier

X 39 Pump

X 40 Shell & Tube HX

X 41 Core in Kettle X 65
X 42 Mixer

X 43 Mixer

X 51 V/L Separator

X 52 Shell & Tube HX

X 53 Kettle X98&X14
X 54 VIL Separator

X 55 Compressor

X 56 Core in Kettle X 66
X 61 V/L Separator

X 62 Shell & Tube HX

X 63 Shell & Tube HX

X 64 Kettle! X11
X 65 Kettle2 X2, X12, & X41
X 66 Kettle X5, X13, & X56
X 67 V/L Separator

X 68 Compressor
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(continued)
Equipment No. Equipment Type Cross Reference

X 69A Mixer

X 69 B Mixer

X 70 Compressor

X 71 Compressor

X 72 Shell & Tube HX
1. May also include two additional exchangers upstream of facility in FIGS. 4a & 4b (not shown). Included in FIG. 2.
2. May also include one additional exchanger upstream of facility in FIGS. 4a & 4b (not shown). Included in FIG. 2.

[0066] In this embodiment, heat exchangers X1, X4 and X7 are brazed aluminum plate fin heat exchangers (BAHX).
Typically, BAHX can be employed in cryogenic processing such as cold-end ethylene recovery and purification projects
or LNG projects. Sometimes these exchangers can be fabricated from stainless steel. The exchangers desighated as
X2, X5, X9, X11, X12, X13, X14 (in FIG. 4a) and X56 (in FIG. 4b), as well as overhead condenser X41 (in FIG. 4a) are
all be core exchangers immersed within a "kettle" containing refrigerant. These exchangers can be referred to as “core-
in-kettle" heat exchangers, such as, for example, those commercially available from Chart Industries of Garfield Heights,
OH, USA. These exchangers can be capable of economically exchanging heatin cold conditions with close temperatures
of approach. In the embodiment described herein, the temperature pinch points of the exchangers can be adjusted to
about -15.6°C (4°F). Each flow passageway can have a hominal 552 hPa (8 psi) pressure drop, except for the kettles
X53, X64, X65, and X66, which can have a pressure drop of about 69 hPa (1 psi) in the vaporization of refrigerant to
the suction of the refrigeration compressors.

[0067] The CO, facility can comprise a plurality of vapor-liquid separators, illustrated in FIGS. 4a and 4b as separators
X6, X8, X10, X16, X21, X24, X27, X33, X51, X54, X61, and X67 and one or more pumps, shown as pumps X17, X22,
X28 and X39. In the embodiment shown in FIGS. 4a and 4b, equipment X37, X38 and X30 can comprise trayed (or
packed) columns containing nominally about 15, 19, and 15 theoretical stages respectively. Equipment X31 and X35
are the first stage and the second stage of gas recompression equipment, which can be used to boost the CO, gas
pressure in the second separation zone. Equipment X34 represents a molecular sieve package, which can be designed
to recover the last amount of methanol contained within the CO, stream, thereby minimizing methanol lost in the CO,
product being sequestered. In a variation of this embodiment, methanaol carryover could alternatively be minimized by
cooling the pressurized stream to separate out and recover the methanol. Other methods for recovering methanol carried
over in the CO, product are also contemplated and specific selection can depend, in part, on local plant-specific factors
and conditions.

[0068] Turning now to FIG. 4b, in this embodiment, the refrigeration equipment utilized in the first separation zone to
cool the incoming feed gas is provided. The refrigeration system illustrated in FIG. 4b comprises a cascade refrigeration
cycle that utilizes propane and ethane as the two cascading refrigerants. In another variation of this embodiment, it is
possible instead to have a single refrigerant system by using a mixed refrigerant, typically a mixed refrigerant could be
custom blended from propane and ethane (or other compounds suitable for refrigeration at these temperatures). Another
refrigerant cooling system suitable for use in embodiments of the present invention is described in US Patent Application
Publication No. 2009/0301108.

[0069] Turning back to the refrigeration system shown in FIG. 4b, the warmest refrigeration level is the first propane
kettle, X64. The core exchangers within kettle X64 can be operable to cool down the process fluid to 7.2°C (45°F). The
vaporizing refrigerant can be at a temperature of about 5.0°C (41°F), thereby allowing for a -15.6°C (4°F) approach
temperature. Kettle X64 can include any number of core exchangers, and, in this embodiment, can include one for each
cooling service. According to the embodiment (not shown in FIGS. 4a and 4b), one or more of the cooling streams
illustrated in FIGS. 4a and 4b can be used to cool the feed stream upstream of the facility (and, optionally, upstream of
amole sieve dryer, not shown). In addition, one or more core exchangers can be included in kettle X64 for use in cooling
streams upstream in a selective sulfur removal process (e.g. a SELEXOL™ process) positioned upstream of the CO
shiftreactions (notshownin FIGS. 4aand 4b). These specific heat core-in-kettle heat exchangers are generally illustrated
in Figure 2.

[0070] The next colder refrigeration level of the system shown in FIG. 4b is the second propane kettle, X65, which
can include the core exchangers for cooling the process fluids to - 18.9°C (-2°F). In this embodiment, the vaporizing
refrigerant can have a temperature of about - 21.1°C (-6°F) to allow for a -15.6°C (4°F) approach temperature. Kettle
X685 can include core exchangers for the following services: (1) one for the SELEXOL™ process upstream from the
present invention (not shown on FIGS. 4a or 4b), but can be found in FIG. 2; (2) core exchangers X2, X12, and (3)
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overhead condenser core exchanger X41, as illustrated in FIGS. 4a and 4b.

[0071] The next colder refrigeration level of the refrigeration system in FIG. 4b can be the third propane kettle, X66,
which includes the core exchangers for cooling the process fluids passing therethrough to a temperature of about-38.9°C
(-38°F). According to this embodiment, the vaporizing refrigerant can have a temperature of about -41.1°C (-42°F) to
allow for a -15.6°C (4°F) approach temperature. Kettle X66 can include the following core heat exchangers: (1) core
exchanger X5; (2) core exchanger X13; and (3) core exchanger X56. Exchanger X56 is the condenser within the ethane
condenser circuit and this type of inter-loop heat exchange is characteristic of a cascade refrigeration system. Mixed
refrigerant systems would not include a condenser in this service.

[0072] In both the cascade refrigeration system and the mixed refrigerant system, the lowest temperature of the
refrigerant can be limited by the vapor pressure of the saturated refrigerant liquid at 1,013.25 hPa (14.7 psia). In the
case of propane, this lower limit temperature can be about -41.1°C (-42°F). If the temperature of the refrigerant dropped
below this limit, the vapor pressure will dip below atmospheric pressure, causing the first stage refrigeration compressor
to operate at sub-atmospheric pressure. While it is technically possible to do so, it may be more desirable to operate
the system such that the suction pressure of the refrigeration compressoris greater than atmospheric pressure to thereby
avoid inducing air through compressor seals and leaking the air into the refrigerant system. Such leaks may not only
compromise the cooling effectiveness of the refrigerant and increase the power consumed by the compressor, but could
also pose a safety hazard due to mixing air with a hydrocarbon under compression, a possible ignition source.

[0073] In some embodiments, propylene could also be selected as a refrigerant in the first cycle, especially when
lower temperatures are desired because, for example, propylene can have the ability to operate colder than -41.1°C
(-42°F), while still maintaining a vapor pressure greater than atmospheric pressure. In other embodiments, different
refrigeration cycles or loops may be added to reduce the temperature of the feed gas. Typically, the selection of the
specific refrigerant for the first cycle can depend on a variety of site-specific and plant-specific conditions and parameters.
[0074] In the refrigeration system shown in FIG. 4b, the next colder refrigeration level is the first (and only) ethane
kettle X53, which includes two core exchangers for cooling the process fluid to a temperature of about -53.3°C (-64°F).
The vaporizing refrigerant can be at a temperature of about -55.6°C (-68°F) to allow for a -15.6°C (4°F) approach
temperature. Kettle X53 can include the two core heat exchangers X9 and X14. In general, it is desirable to minimize
cold spots in these final core exchangers, which can be accomplished by, for example, maintaining the refrigerant
temperature to be slightly warmer than the freezing temperature of CO, of -56.6°C (-69.8°F) (e.g., at a temperature of
about -55.6°C (-68°F)). The ethane refrigeration circuit in FIG. 4b depicts an economizer exchanger, X52, which can be
optional, depending on various site-specific parameters.

[0075] As shown in FIG. 4b, the propane compressor includes respective low, medium, and high stage compression
stages X68, X70 and X71. Propane condenser X72 can exchange the superheat and the latent heat of condensation of
the refrigerant against cooling water. In another embodiment, the superheat and some latent heat of the propane refrig-
erant could be exchanged against the high-pressure pure hydrogen stream in conduit 41 (Fig. 4a), which can, in some
embodiments, ultimately be used to fuel a Brayton Cycle gas turbine (not depicted in FIGS. 4a or 4b). According to this
embodiment, even a slight temperature rise in the fuel feed stream can improve the heat rate of the combined cycle
turbine, while at the same time saving some of the utility costs by reducing the amount of cooling water needed and/or
the power consumed by the propane refrigeration compressor.

[0076] 1t should be understood that the specific temperatures selected to operate the various refrigerant kettles are
disclosed by way of example. Other combination of selected temperatures could be equally valid, or prove to be a more
optimal selection of temperatures. This is usually determined by specific refrigeration compressor design, after a vendor
has been selected. The final temperature at the -55.6°C (-68°F) can be important to maintain, however; due to reasons
already disclosed.

[0077] Tuming now to the horizontal orientated phase separator X16 in FIG. 4a, the pressure of separator X16 can
be set such that the pressure of stream 32 is reduced slightly upon entry into the vessel. This slight vapor flash can
release mostly light-end constituents and a small amount of CO,. The release of some light-ends at this location can be
beneficial as it may allow for a CO, stream with a bubble point temperature warmer for a given pressure compared to
the CO, stream without a flash step.

[0078] As shown in FIG. 4a, the liquid CO, stream exiting phase separator X16 can be pumped via pump X17 to a
suitable pressure. The discharge pressure of pump X17 can be selected to maximize heat recovery in exchanger X4.
If the selected pressure is too high, the heat of pumping may increase the temperature of the CO, stream, thereby
limiting cold recovery in X4. If the selected discharge pressure of X17 is too low, the temperature of the stream in conduit
37 may be too cold, thereby limiting the cold recovery in X4. The specific discharge pressure selected for pump X17 is
afunction of the composition of the liquid CO, leaving separator X16, which can also be a function of the feed composition
and the performance of various other pieces of equipment within the process.

[0079] Turning now to FIGS. 5a and 5b, another embodiment of a CO, recovery facility utilizing adsorption to recover
at least a portion of the incoming CO, is provided. Table 3, below, is a summary of the equipment utilized in the
embodiment shown in FIGS. 5a and 5b.
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Table 3: Summary of Equipment for CO, Recovery Facility in FIGS. 5a and 5b

Equipment No.

Equipment Type

Cross Reference

X 1 BAHX

X 2 Core in Kettle X 65
X 3 BAHX

X 4 Core in Kettle X66
X 5 V/L Separator

X 6 BAHX

X 7 V/L Separator

X 8 Core in Kettle X53
X 9 V/L Separator

X 10 Core in Kettle X64
X 11 Core in Kettle X65
X 12 Core in Kettle X66
X 13 V/L Separator

X 14 V/L Separator

X 15 Core in Kettle X53
X 16 V/L Separator

X 17 Mixer

X 18 Mixer

X 19 Mixer

X 20 V/L Separator

X 21 Pump

X 22 Compressor

X 23 Shell & Tube HE

X 24 Compressor

X 25 Shell & Tube HE

X 26 Mixer

X 27 Pump

X 28 CO, Purification Column

X 29 Mixer

X 30 Pump

X 31 Shell & Tube HE

X 32 Pump

X 33 Shell & Tube HE

X 34 Core in Kettle X65
X 35 PSA

X 51 V/L Separator

X 52 Shell & Tube HE
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(continued)
Equipment No. Equipment Type Cross Reference
X 53 Kettle X8, X15
X 54 V/L Separator
X 55 Compressor
X 56 Core in Kettle X65
X 57 Core in Kettle X66
X 61 V/L Separator
X 62 Shell & Tube HE
X 63 Shell & Tube HE
X 64 Kettle!
X 65 Kettle2
X 66 Kettle
X 67 V/L Separator X10
X 68 Compressor X2, X11, X 34, X56
X 69A Mixer X4, X12, X567
X 69B Mixer
X 70 Compressor
X 71 Compressor
X 72 Shell & Tube HE
1. May also include two additional exchangers upstream of facility in FIGS. 5a & 5b (not shown). Included in FIG. 2.
2. May also include one additional exchanger upstream of facility in FIGS. 5a & 5b (not shown). Included in FIG. 2.

[0080] In this embodiment, equipment X1, X3 and X6 are brazed aluminum plate fin heat exchangers (BAHX). Some-
times these exchangers can be fabricated from stainless steel or any other suitable material. Exchangers designated
as X2, X4, X8, X10, X11, X12, X15, X56 and X57 and the overhead condenser X34 in FIGS. 5a and 5b can all comprise
core exchangers immersed within a "kettle" containing a refrigerant, similar to those previously discussed with respect
to FIGS. 4a and 4b. Similarly to the facility shown in FIGS. 4a and 4b, temperature approaches for each exchanger can
be about -15.6°C (4°F) and each flow passageway can have a hominal pressure drop of about 552 hPa (8 psi), except
forkettle X53, X64, X65, and X66, which can have a pressure drop of about 69 hPa (1 psi) in the vaporization of refrigerant
to the suction of the refrigeration compressors.

[0081] Equipment X5, X7, X9, X13, X14, X16, X20, X51, X54, X61 and X867 can be vapor-liquid phase separators and
equipment X21, X27, X30 and X32 are pumps. Equipment X28 is a trayed (or packed) column comprising a nominal 19
theoretical stages. Equipment X22 and X24 are the first stage and the second stage of gas recompression equipment,
which can be used to boost the CO, gas pressure in the second separation zone.

[0082] Equipment X35 can comprise a PSA package for recovering about 90 percent of the hydrogen from the stream
feeding the PSA equipment. In some embaodiments, it may be possible to allow for breakthrough of some of non-CO,
components, such as carbon monoxide (CO), methane (CH,) and nitrogen (N,) to occur. The optimum trade off of
hydrogen recovery (e.g., in the range of 70 to 93 percent) versus equipment cost and operating expenses can be carried
out on a system-specific or facility-specific basis. It should be noted that one or more system-specific or facility-specific
factors can influence the desired recovery of hydrogen to be outside the typical range provided above.

[0083] Turning now to FIG. 5b, the refrigeration equipment for affecting the cooling of the feed gas stream is shown.
The refrigeration system illustrated in FIG. 5b can be configured and operated in a similar manner to the refrigeration
system illustrated in FI1G. 4b and previously described. For the sake of brevity, only the differences between the cascade
refrigeration systems shown in FIG. 4b and FIG. 5b can be described herein, with the understanding that all or part of
the previous description of the facility in FIG. 4b may be applicable to FIG. 5b.

[0084] In the embodiment shown in FIG. 5b, first propane kettle X64 can include the following core heat exchangers:
(1) one for cooling the process fluid upstream of a mole sieve dryer (not shown in FIGS. 5a or 5b, See FIG. 2); (2) one
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for use in a sulfur removal process, such as SELEXOL™ | utilized upstream of the facility shown in FIGS. 5a and 5b;
and (3) core exchanger X10. This embodiment, second propane kettle X65 can include the following core heat exchang-
ers: (1) a core for use in the sulfur removal (e.g., SELEXOL™) process upstream from the present invention (not shown
in FIGS. 5aor 5b, see FIG. 2); (2) core exchanger X2 (3) core exchanger X11; (4) core exchanger X56; and (5) overhead
condenser core exchanger X34, as illustrated in FIG. 5a. Third propane kettle X66 of the refrigeration system depicted
in FIG. 5b can include the following core heat exchangers: (1) core exchanger X4; (2) core exchanger X12; and (3)
ethane condenser X57. Ethane kettle X53 can include core exchangers X8 and X15. Although illustrated in FIG. 5b as
exchanging heat with cooling water, propane condenser X72 could alternatively exchange superheat and/or latent heat
with the high-pressure hydrogen stream in conduit 68, which can ultimately be utilized by a Brayton cycle gas turbine,
as discussed previously.

[0085] Turning back to FIG. 5a, the horizontally-oriented phase separator X20 can have a pressure level such that
the stream in conduit 46 is flashed upon introduction therein, thereby releasing at least a portion of the light-end con-
stituents and a small amount of CO, from the stream. As shown in FIG. 5a, the liquid CO, stream withdrawn from
separator X20 can be routed to pump X21 and pumped to any suitable pressure. The discharge pressure of pump X21
can be optimized to maximize heat recovery in X1 and X3 in an analogous manner as described in detail previously with
respect to FIGS. 4a and 4b. In this embodiment, additional heat and/or energy saving configurations, specifically shown
in FIGS. 5a and 5b can also be employed. For example, streams having a colder-than-ambient temperature can be
exchanged from X31 and/or X33 and can be used to pre-cool the liquid propane refrigerant prior to its introduction into
kettle X64, further enhancing the efficiency of the propane refrigeration loop or cycle.

[0086] Turning finally to FIGS. 6a and 6b, yet another embodiment of a CO, recovery facility configured according to
the present invention is provided. The facility depicted in FIGS. 6a and 6b utilizes deliberate freezing to recover at least
a portion of the CO, from its incoming feed stream. Table 4, below, is a summary of the equipment depicted in the
embodiment shown in FIGS. 6a and 6b.

Table 4: Summary of Equipment for CO, Recovery Facility in FIGS. 6a and 6b

Equipment No. Equipment Type Cross Reference
1 BAHX

X 2 Core in Kettle X42

X 3 BAHX

X 4 Core in Kettle X44

X 5 V/L Separator

X 6 Mixer

X 7 BAHX

X 8 V/L Separator

X 9 Core in Kettle X18

X 10 V/L Separator

X 11 Mixer

X 12 V/L Separator

X 13 Pump

X 14 Batch Freeze Exchangers (CO, Solidifier)

X 15 Lock Hopper

X 16 CO,Melter

X 17 BAHX

X 18 Kettle X9

X 19 BAHX

X 20 V/L Separator X14

X 21A Mixer
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(continued)
Equipment No. Equipment Type Cross Reference
21B Mixer
X 22 Compressor
X 23 Compressor
X 24 Core in Kettle X44
X 25 Compressor
X 26 Core in Kettle X42
X 27 Core in Kettle X44
X 28 Pump
X 29 CO,, Purification Column
X 30 Core in Kettle
X 31 V/L Separator
X 32 Pump
X 33 Mixer
X 34A Shell & Tube HX
X 34B Shell & Tube HX
X 35 Pump
X 36 V/L Separator
X 37 BAHX
X 38 Kettle'
X 39A Mixer
X 39B Mixer
X 40 BAHX
X 41 Pump
X 42 Kettle2 X2, X26, X30
X 43 BAHX
X 44 Kettle X4, X24, X27
X 45 Compressor
X 46 Compressor
X 47 Compressor
X 48 Shell & Tube HX
X 49 Shell & Tube HX
X 50 Shell & Tube HX
X 51 Pump
X 52 Mixer
1. May also include two additional exchangers upstream of facility in FIGS. 6a & 6b (not shown).
2. May also include one additional exchanger upstream of facility in FIGS. 6a & 6b (not shown).

[0087] Turning firstto Figure 6a, in this embodiment, exchangers X1, X3, and X7 can comprise brazed aluminum plate
fin heat exchangers (BAHX), in this embodiment, the exchangers X17, X19, X37, X40, and X43 can also comprise a
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BAHX, even though each includes only two service sides (e.g., a hot and a cold service). This is not a requirement, but
is a suggestion to take advantage of heat exchangers capability of providing a close temperature of approach econom-
ically. In ancther embodiment of the present invention, the BAHX employed in the facility of FIGS. 6a and 6b could
comprise micro-channel equipment, such as those commercially available from Velocys Inc., of Plain City, OH, USA.
This variation is also applicable to FIG. 4 and Fig. 5. According to this embodiment, each of exchangers X2, X4, X24,
X26 and X27 and overhead condenser X30 can comprise core exchangers immersed within a "kettle" comprising a
refrigerant. Accordingly, these pieces of equipment can be referred to as "core-In-kettle" heat exchangers. As discussed
previously with respect to FIGS. 4a and 4b, the temperature pinch points for the exchangers can be about-15.6°C (4°F),
while the nominal pressure drop of each flow passageway can be about 552 hPa (8 psi), with the exception of kettles
X18, X38, X42, and X44, which can have a nominal pressure drop of about 69 hPa (1 psi).

[0088] The facility of FIGS. 6a and 6b comprise a plurality of vapor-liquid separation vessels X5, X8, X10, X12, X20,
X31 and X36 and pumps X13, X28, X32, X35, X41 and X51. Column X29 is a trayed (or packed) column containing a
nominal 19 theoretical stages.

[0089] As shown in FIG. 6a, a set of batch freeze exchangers (CO, solidifier) X14 for at least partially freezing the
incoming CO,, can be included within the second separation zone of the CO, recovery facility. In one embodiment,
solidifier X14 can be operable to deliberately freeze the residual CO, in the gas stream exiting the first separation zone
(e.g., the refrigeration system depicted in FIG. 6b). According to this embodiment, solidifier X14 can comprise a custom-
designed series of batch freeze heat exchangers. In this embodiment, the gas stream withdrawn from the first separation
zone via conduit 11 can contact each batch freeze heat exchanger counter-currently, thereby exposing the most-recently
regenerated (e.g., the coldest) heat exchanger or heat exchange surface to the final contact with the gas exiting the first
separation zone (in conduit 20) to thereby solidify the final amount of residual CO, to be removed from the gas stream.
[0090] In this embodiment, solidifier X14 can comprise a plurality of specialty designed batch freeze heat exchangers
operated in a semi-batch, counter current mode, the operation of which will now be described in detail. After a suitable
amountoftime passes with solidifier X14 in the above configuration, the effective order of the batch freeze heatexchangers
within X14 can be rearranged such that the subsequent (or downstream) heat exchanger is contacted earlier with the
incoming gas stream at a higher temperature and higher concentration of CO,. Some of the CO, within the stream can
be deposited or frozen onto the existing layer of CO, frozen onto the surface of the exchanger. Subsequently, after
additional time, the same exchanger can be reconfigured to again contact yet warmer and CO,-richer incoming gas,
effectively "moving" it upstream in the series of batch freeze exchangers. The specific number of batch freeze heat
exchangers is not limited and will often result from an optimization study based on site-specific and facility-specific factors.
[0091] In this embodiment, the "moving" of a batch exchanger to an "upstream" position can be accomplished using
a piping and valve system. Any suitable method can be used to transition the individual batch freeze heat exchangers
from one location to another within the counter-current heat exchange train. In this embodiment, a rotary valve arrange-
ment in which the sequence and rotational movement of the rotary valve can predispose the batch freeze heat exchanger
to most efficiently capture the most amount of CO, throughout the cycle can be used. Adjustment in timing the rotary
valve from one position to the next can be varied to compensate for flow rate turndown and other similar factors. Other
methods of transitioning the batch freeze heat exchangers from one position to the other are equally valid and all manner
of methods are covered by the spirit of this invention.

[0092] According to this embodiment wherein solidifier X14 comprises a plurality of batch freeze heat exchangers,
operated counter-currently, the final location in the sequence of batch freeze heat exchangers is the first point of contact
for the gas stream exiting the first separation zone, which has a temperature upon entry into solidifier X14 of about
-53.3°C (-64°F). The gas in conduit 11 can be saturated with CO,, at the partial pressure of CO, in the gas stream. Thus,
as the temperature of the gas stream is decreased, the CO, can be frozen out of the gas stream and collect on the
previously-frozen (e.g., solid) CO, on the exterior surface of the batch freeze heat exchanger. Once the appropriate
contact time has passed, the batch freeze exchanger can be regenerated by passing a warmer stream of refrigerant
through the other side (e.g., the tube side) of the heat exchanger. The cross connection for providing warm, pressurized
refrigerant to X14 is not shown on FIG. 6a for simplicity. This warm pressurized refrigerant applied to the fully laden
batch freeze exchanger can cause some of the initial CO, deposit to melt, thereby detaching the outer layers of frozen
CO, to move downwardly along a plurality of slightly tapered cylindrical post via gravity to the bottom of the vertically-
oriented vessel. The resulting rings (or hollow tubes) of solid CO, can then drop into a lockhopper X15, as shown in
FIG. 6a. The regenerated heat exchanger can then be returned to service, at the "back end" of the heat exchanger train,
to contact the coldest gas stream having the lowest concentration of CO, (e.g., the final heat exchange location), as
described previously.

[0093] According to this embodiment, the temperature of the gas exiting the heat exchange train (e.g., the final batch
freeze heat exchanger that has been most recently regenerated) is approximately -90°C (-130°F) to thereby ensure a
sufficient amount of CO, has been removed from the gas stream in conduit 11. Because solid CO, has a low thermal
conductivity, the temperature of the cold (e.g., vaporizing) refrigerant, typically utilized on the tube side of a shell-and-
tube heat exchanger, can be about-101.1°C (-150°F), thereby providing a driving force of about -6.7°C (20°F) through
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the batch freeze exchanger and the layer of frozen CO, building on to the exchanger. In this embodiment, the gradual
cooling of the residual gas stream withdrawn from first separation zone via conduit 11 can begin at about -53.3°C (-64°F),
as it enters the first batch freeze heat exchanger and end at about -90°C (-130°F) as it exits the last batch freeze heat
exchanger, progressively layering solidified CO, onto the surface of the exchangers, as the gas flows through sequenced,
cooler units.

[0094] As shown in FIG. 6a, the hollow rings of solid frozen CO, can enter the lock hopper X15, which is positioned
at a vertical elevation below the batch freeze heat exchanger which has most recently been regenerated. To transfer
the frozen CO, into the CO, melter X186, located below lockhopper X15, the top isolation valve of X15 (not shown on
FIG. 6a) can be closed prior to opening the bottom isolation valve of lockhopper X15 (not shown on FIG. 6a), thereby
allowing the solidified rings or tubes to fall downwardly into the melter X16. Once the lockhopper X15 has been emptied,
the bottom isolation valve can be closed and the top valve reopened to position lockhopper X15 to accept a new batch
of frozen CO, from solidifier X14.

[0095] In this embodiment, CO, melter X16 can be a pressurized vessel operated at or above the triple point pressure
of CO,. The CO, melter can, in this embodiment, be operable to allow the solid CO, to melt, thereby forming a CO,
liquid, while preventing sublimation directly into a gas. According to this embodiment, sublimation can be avoided when
the pressure of the CO, melter X16 is above the triple point pressure of CO, and heat is added to the vessel. In this
embodiment, during the operation of melter X16, a heel (or residual liquid volume) of liquid CO, is made to remain in
the vessel. This can aide heat transferred via submerged heating coils positioned within the interior of the melter to the
incoming solid CO, rings. In this embodiment, the rate of liguid CO, produced from melter X16 or the level of residual
liguid CO, in melter X16 can be controlled by adjusting a level-controlled valve to open as the solid CO, melts to maintain
the level of liquid CO, within melter X16 at a set point (not shown on FIG. 6a)

[0096] As shown in FIG. 6a, the vapor refrigerant stream withdrawn from solidifier X14 passes to a first and a second
stage ethylene gas recompression equipment X22 and X23. Cooler X24 is a compressed off-gas exchanger designed
to cool the ethylene refrigerant gas to a temperature of about -18.9°C (-2°F) via core exchanger X24, which is located
in kettle X42, shown in FIG. 6b as being served by medium-pressure propane refrigerant. As shown in FIG. 6a, X25 is
the third stage of the ethylene compressor and core exchanger X26 is used to cool the ethylene to a temperature of
-18.9°C (-2°F) via kettle X42. The final cooling and condensing of ethylene is carried out using cooling sources from two
services in parallel: (1) melting solid CO, in melter X16 and/or (2) core exchanger X27 located within kettle X44, shown
in FIG. 6b, for condensing ethylene at -38.9°C (-38°F).

[0097] Theremainder of the refrigeration circuits can be configured to operate in a analogous manner to those previously
described with respect to FIGS. 4a and 4b, with the following exceptions. First propane kettle X38 can include the
following core exchangers: (1) a core for the feed gas upstream a mole sieve dryer located prior to the facility shown in
FIGS. 6a and 6b (core not shown in FIGS. 6a or 6b, See FIG. 2) and (2) a core utilized during the selective sulfur removal
process (e.g., SELEXOL™ process) located upstream of the facility in FIGS. 6a and 6b, See FIG. 2 (core not shown).
Second propane kettle X42 includes the following core exchangers: (1) a core exchanger for use in the upstream sulfur
removal process (not shown, See FIG. 2); (2) core exchanger X2; (3) core exchanger X26; and (4) overhead condenser
core exchanger X30. Third propane kettle includes the following core exchangers: (1) core exchanger X4; (2) core
exchanger X24; and (3) core exchanger X27, which can be used in the cascade system as an ethylene condenser.
[0098] This embodiment, the CO, recovery facility depicted in FIGS. 6a and 6b can include a two-stage ethylene
refrigeration cycle. High-pressure ethylene kettle X18, shown in FIG. 6a, utilizes core exchangers X9 for cooling the
process fluid to -53.3°C (-64°F). The vaporizing refrigerant can have a temperature of about -55.6°C (-68°F) to maintain
an approximately -15.6°C (4°F) approach temperature. As discussed previously, minimizing or avoiding cold spots in
this exchanger can be important and, in one embodiment, it may be desirable to control the temperature of the CO,
therein to a temperature warmer than -55.6°C (-68°F). In the embodiment shown in FIG. 6a, ethylene refrigeration cycle
also includes a low-pressure ethylene refrigerant vessel X20. In this embodiment, kettle X20 includes the refrigerant
that serves the batch freeze exchangers utilized within solidifier X14, described in detail previously. Because the atmos-
pheric boiling point of ethylene is -101.1°C (-150°F), this is a lower level of refrigeration available than when utilizing
ethane as a second-stage refrigerant in the cascade cycle shown in FIGS. 6a and 6b.

[0099] Tuming again to FIG. 6b, X45, X46, and X47 represent respective low, medium, and high-pressure stages of
the propane compressor utilized in the propane refrigeration cycle, while X49 is the propane condenser exchanging heat
with cooling water or, optionally, the hydrogen stream in conduit 54, which can ultimately be utilized in a Brayton cycle
gas turbine, as discussed previously. As shown in FIG. 6a, the pressure of horizontally-oriented phase separator X12
flashes a portion of the light ends from the entering stream and the liquid CO, leaving separator X12 is pumped via
booster pump X13. As discussed previously, the discharge pressure of pump X13 is be selected to optimize heat recovery
in X1 and X3 of the facility shown in FIGS. 6a and 6b.

[0100] According to this embodiment, the recovered cold energy streams can be designed to minimize flow rate of
refrigerant, thereby minimizing compressor power. For example, additional coldness can be recoveredin heatexchangers
X37, X40 and X43. In this embodiment, additional heat can be exchanged through X48 and the CO,, reboiler X34A with
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propane sub-cooler X34B. Other alternative uses for the recovered cold energy are also contemplated. The above-
described arrangement and operation represent embodiments of the present invention, and other configurations and
methods of operation are contemplated and deemed to be within the scope of the present invention.
[0101] Various aspects of one or more embodiments of the present invention can be further illustrated and described
by the following Examples. It should be understood, however, that these Examples are included merely for purposes of
illustration and are not intended to limit the scope of the invention, unless otherwise specifically indicated.

EXAMPLES

Example 1: Simulation of a CO, Recovery Facility Utilizing an Absorption Stage

[0102]

The system depicted in FIGS. 4a and 4b was modeled using the PD-Plus Chemical Process Simulator (available

from Deerhaven Technical Software, Moultonborough, New Hampshire). Table 5, below, presents the Heat & Material
Balance (HMB) obtained from the simulation of the CO, recovery facility that utilizes an absorption stage in the second

separation zone.

Table 5: Heat and Material Balance for CO, Recovery Facility Utilizing Absorption Stage (FIGS. 4a and 4b)

Stream Number 1 2 3A 3 4 5 6 7 8 9
Temperature 7,6 -16,3 -18,9 -189 -28,6 | -38,9 -38,9 -38,9 -40,1 -40,1
(°C{°F)) (45.7) (2.6) (-2) (-2.1) {-19.5) (-38) (-38) (-38) (-40.1) (-40.2)
Pressure 45,450 44,899 44,347 44,347 43,79 | 43244 43,244 43,244 42,692 42,692
(hPa (psia)) (659.2) (651.2) (643.2) (643.2) (635.2) (627.2) (627.2) (627.2) (619.2) (619.2)
Fraction Liquid [0} 0 0 0 0.0536 0.2184 0 1 0.0141 0
LBMOL/HR
HYDROGEN 68,164.30 | 68,164.30 | 68,164.30 | 69,155.80 | 68,164.30 | 68,164.30 | 67,531.60 632.70 67,531.60 | 67,499.20
CARBON MONOXIDE 1,031.10 1,031.10 1,031.10 1,064.00 1,031.10 1,031.10 1,008.60 2260 1,008.60 1,007.40
METHANE 500.70 500.70 500.70 528.70 500.70 500.70 462.40 38.20 462.40 460.40
CARBON DIOXIDE 62,901.60 | 62,901.60 | 62,901.60 | 64,259.10 | 62,901.60 | 62,901.60 | 33,708.80 | 29,192.80 | 33,708.80 | 32,180.80

NITROGEN 4,683.90 4,683.90 4,683.90 4,865.60 4,683.90 4,683.90 4,586.80 97.10 4,586.80 4,581.80
TOTAL 137,281.60 | 137,281.60 | 137,281.60 | 139,873.20 | 137,281.60 | 137,281.60 | 107,298.20 | 29,983.40 | 107,298.20 | 105,729.60
Table 5 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Absorption Stage (FIGS. 4a and 4b)

Stream Number 10 11 12 13 14 15 16 22 23 24
Temperature -40,1 | -53,3 | -53,3 -53,3 -18,9 -48,7 ‘ -33,6 32,2 7,2 -16,3
(°C(°F)) (-40.2) (-64) (-64) (-64) (-2) {-55.7) (-28.4) {90) {45) (2.6)
Pressure 42,692 42,141 42,141 42,141 48,815 41,713 42,058 46,609 46,057 45,505
(hPa (psia)) (619.2) | (611.2) (611.2) | (611.2) (708) (605) (610) (676) (663) (660)
Fraction Liguid 1 0.1447 0 1 0 0 1 1 1 1
LBMOL/HR
HYDROGEN 32.40 67,499.20 | 67,203.10| 290.10 991.50 | 67,083.80 124.60
CARBON MONOXIDE 1.20 1,007.40 995.20 12.20 32.80 990.10 5.10
METHANE 2.00 460.40 436.90 23.60 28.00 42240 14.50
CARBON DIOXIDE 1,527.90 | 32,180.80 | 17,264.10 | 14,916.70 | 1,357.50 [ 1,687.90 | 15,654.50 78.30 78.30 78.30

NITROGEN 5.00 4,581.80 4,529.60 52.10 181.70 4,464.90 64.70
METHANOL 1.50 71,170.20 | 71,171.70 | 71,171.70 | 71,171.70
TOTAL 1,568.50 | 105,729.60 | 90,434.90 | 15,294.70 | 2,591.50 | 74,650.60 | 87,033.60 71,250.00 | 71,250.00 | 71,250.00
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Table 5 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Absorption Stage (FIGS. 4a and 4b)

Stream Number 25 26 27 28 29 30 31 32 33 34
Temperature -18,9 -28,6 -38,9 -40,1 -53,3 -41,1 -41,1 -39,7 -39,7 -39,7-
("C(°F)) (-2) (-19.5) (-38) (-40.1) (-64) (-42) (-42) (-39.4) (-39.4) (-39.4)
Pressure 44,954 44,402 | 43,851 43,299 42,748 | 41,589 41,162 39,645 39,645 39,645
(hPa (psia)) (652) (644) (636) (628) (620) (603.2) (597) (575} (575) (575)
Fraction Liquid 1 1 1 1 1 1 0 0.9971 1 0
LBMOL/HR
HYDROGEN 290.10 | 67,083.80 | 955.20 870.50 84.70
CARBON MONOXIDE 12.20 990.10 36.00 34.60 1.40
METHANE 23.60 422.40 63.80 63.10 0.70
CARBON DIOXIDE 78.30 78.30 78.30 78.30 78.30 14,916.70 | 1,687.90 | 45,637.50 | 45,592.50 [ 45.00

NITROGEN 52.10 4,464.90 154.20 148.00 6.30
METHANOL 71,171.70 | 71,171.70 | 71,171.70 | 71,171.70 | 71,171.70 1.50
TOTAL 71,250.00 | 71,250.00 | 71,250.00 | 71,250.00 | 71,250.00 | 15,294.70 | 74,650.60 | 46,846.70 | 46,708.70 | 138.10

Table 5 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Absorption Stage (FIGS. 4a and 4b)

Stream Number 35 36 37 38 39 40 41 42 44
Temperature -38,9 -41,2 -22,2 -22,2 -22,2 -40,7 -40,7 18,3 ‘ 21,1
(°C(°F)) (-38.1) (-42.2) (-8) (-8) (-8) (41.3) (41.3) (65) (70)
Pressurele 49,504 39,645 48,953 39,093 41,506 40,955 38,542 14,341 ‘ 13,790
(hPa (psia)) (718) {575) (710) (567) (602) (594) (559) (208) (200)
Fraction Liquid 1 0 1 0 1 1 0 0.9464 0
LBMOL/HR
HYDROGEN 870.50 |67,16840 | 870.50 | 67,168.40| 12460 12460 | 67,16840 | 124.60 121.80
CARBON MONOXIDE 34.60 991.50 34.60 991.50 5.10 5.10 991.50 5.10 4.90
METHANE 63.10 423.00 63.10 423.00 14.50 14.50 423.00 14.50 12.30
CARBON DIOXIDE 45,592.50 | 1,732.90 | 45,592.50 | 1,732.90 | 15,654.50 | 15,654.50 | 1,732.90 | 15,654.50 | 5,457.20

NITROGEN 148.00 4,471.20 148.00 4,471.20 64.70 64.70 4,471.20 64.70 59.70
METHANOL 1.50 1.50 71,170.20 | 71,170.20 1.50 71,170.20 | 61.00
TOTAL 46,708.70 | 74,788.50 | 46,708.70 | 74,788.50 | 87,033.60 | 87,033.60 | 74,788.50 | 87,033.60 | 5,716.90

Table 5 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Absorption Stage (FIGS. 4a and 4b)

Stream Number 45 46 a7 48 49 50 51 52 53 54
Temperature 21,1 21,3 ‘ 123,9 1239 123,9 35,0 90,0 55,4 102,7 ‘ 35,0
(°C(°F)) (70) (70.4) (255) (255) {255) (95) (194) (131.8) (216.9) {95)
Pressure 13,790 21,925 ‘ 21,374 21,374 21,374 20,684 | 19,995 | 20,340 19,995 ‘ 19,443
(hPa (psia)} (200) (318) (310) (310) (310) (300) (290) (295) (290} (282)
Fraction Liquid 1 1 0.8667 0 1 0.9996 0 0 0.0068 0.2545
LBMOL/HR
HYDROGEN 2.80 2.80 2.80 2.60 0.10 0.20 0.30 121.80 124.70 124.70
CARBON MONOXIDE 0.20 0.20 0.20 0.20 4.90 5.10 5.10
METHANE 2.20 2.20 2.20 1.90 0.30 0.10 0.40 12.30 14.60 14.60
CARBON DIOXIDE 10,197.40 | 10,197.40 | 10,197.40 | 6,691.90 | 3,505.50 | 913.00 | 4,379.50 | 5,457.20 | 16,528.50 | 16,528.50

NITROGEN 5.00 5.00 5.00 4.60 0.50 0.20 0.70 59.70 65.00 65.00
METHANOL 71,109.20 | 71,109.20 | 71,109.20 | 4,140.20 | 66,969.00 | 4,817.00 | 779.20 61.00 4,980.30 | 4,980.30
TOTAL 81,316.80 | 81,316.80 | 81,316.80 | 10,841.40 | 70,475.40 | 5,730.50 | 5,160.10 | 5,716.90 | 21,718.20 | 21,718.20
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Table 5 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Absorption Stage (FIGS. 4a and 4b)

Stream Number 55 56 57 58 59 60 61 62 63 64
Temperature 35,0 35,0 1276 35,0 35,0 35,0 35,1 1654 42,2 37,8
(CC(°F) (95) (95) (261.6) (95) (95) (95) (95.1) (329.8) {107.9) (100)
Pressure 19,443 19,443 49,987 49,435 49,435 49,435 | 20,684 20,477 19,926 | 49,229
(hPa (psia)) (282) (282) (725) (717) (717) (717) (300) (297) (289) (714)
Fraction Liquid 0] 1 0 0.0125 0 1 1 1 1 0
LBMOL/HR
HYDROGEN 124 .60 0.10 124.60 124.60 124.60 0.10 124,60
CARBON MONOXIDE 5.10 5.10 5.10 5.10 5.10
METHANE 14.50 0.10 14,50 14.50 14.50 0.10 14.50
CARBON DIOXIDE 15,707.60 | 820.90 | 15,707.60 | 15,707.60 | 15,615.50 | 92.10 820.90 39.80 39.80 15,615.50

NITROGEN 64.80 0.20 64.80 64.80 64.70 0.20 64.70
METHANOL 27380 |4,70650 | 273.80 273.80 163.30 110.50 | 4,706.50 | 71,010.20 | 71,010.20
TOTAL 16,190.40 | 5,527.80 | 16,190.40 | 16,190.40 | 15,987.70 | 202.60 | 5,527.80 [ 71,050.00 | 71,050.00 | 15,824.40

Table 5 {cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Absorption Stage (FIGS. 4a and 4b)

Stream Number 68 69 97 98
Temperature ‘ 5,2 13,2 29,7 4,6
(°C(°F)) (41.3) (55.8) (85.5) (40.2)
Pressurej ‘ 48,953 49,160 151,685 14,893
(hPa (psia)) (710) (713) (2200) (218)
Fraction Liquid 0.9325 1 0 0.9837
LBMOL/HR ‘

HYDROGEN 995.10 3.60 3.60 124.60
CARBON MONOXIDE 39.60 6.80 6.80 5.10
METHANE 77.60 49.60 49.60 14.50
CARBON DIOXIDE 61,208.00 | 59,850.60 | 59,850.60 | 15,654.50
NITROGEN 212.70 31.00 31.00 64.70
METHANOL ‘ 71,170.20
TOTAL 62,533.00 | 59,941.60 | 59,941.60 | 87,033.60
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Table 5 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Absorption Stage (FIGS. 4a and 4b)

Stream Number 70 71 75 76 77 78 80 81 82 83
Temperature -389 -47,2 -55,6 -41,4 -2,5 -38,2 35,0 25,7 12,8 5,0
(°C (°F)) (-38) (-53) (-68) (-42.6) (27.5) (-38) (95) (78.3) (55.1) (a1)
Pressure 8,046 7,495 4,485 4,140 8,053 8,046 12,178 11,626 11,074 5,488
(hPa (psia)) (116.7) | (1087) | (65.043) | (60.043) | (116.8) [ (1167) | (176.62) | (16862) | (16062) | (79.589)
Fraction Liquid 1 1 0 0 0 1 1 1 1 0
LBMOL/HR
ETHANE 27,699.90 | 27,699.90 | 27,699.90 | 27,699.90 | 27,699.90 | 27,6399.90

PROPANE 102,552.80 | 102,552.80 | 102,552.80 | 39,889.40
TOTAL 27,699.90 | 27,699.90 | 27,699.90 | 27,699.90 | 27,699.90 | 27,699.90 | 102,552.80 102,552.80 | 102,552.80 | 39,889.40

Table 5 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Absorption Stage (FIGS. 4a and 4b)

Stream Number 84 85 86 90 91 92 93 94 95 96
Temperature 5,0 211 -21,1 ‘ -41,1 -8,4 -12,1 25,8 17,8 57,7 35,0
(°C(°F)) (41) (-6) (-6) (-42) (16.9) {10.3) (78.5) (64.1) (135.8) (95)
Pressure 5,488 2,338 2,338 1,058 2,344 2,338 5,516 5,488 12,315 12,178
{hPa (psia)) (79.589) | (33.911) | (33.911) | (15.339) (34) {33.911) (80) (79.589) (178.62) {176.62)
Fraction Liquid 1 Q 1 0 0 0 0 Q 0 1
LBMOL/HR
PROPANE 62,663.50 | 18,164.70 | 44,498.80 | 44,498.80 | 44,498.80 | 62,663.50 | 62,663.50 | 102,552.80 | 102,552.80 | 102,552.80
METHANOL
TOTAL 62,663.50 | 18,164.70 | 44,498.80 | 44,498.80 | 44,498.80 | 62,663.50 | 62,663.50 | 102,552.80 | 102,552.80 | 102,552.80

Example 2: Simulation of a CO, Recovery Facility Utilizing an Adsorption Stage

[0103] The systemdepictedin FIGS. 5a and 5b was modeled using the PD-Plus Chemical Process Simulator (available
from Deerhaven Technical Software, Moultonborough, New Hampshire). Table 6, below, presents the Heat & Material
Balance (HMB) obtained from the simulation of the CO, recovery facility that utilizes an adsorption stage in the second
separation zone.

Table 6: Heat and Material Balance for €O, Recovery Facility Utilizing Adsorption Stage (FIGS. 5a and 5b)

Stream Number 1 2 3 4 5 6 7 8 9 10
Temperature 7,6 -15,9 -18,9 -27,7 -389 -38,9 -38,9 -41,2 -41,2 53,3
(°C(°F)) {45.7) (3.9) {-2) (-17.8) (-38) {-38) {(-38) (-42.2) {-42.2) (-64)
Pressure 45,450 44,899 44,347 43,796 43,244 43,244 43,244 42,692 | 42,692 | 42,141
{hPa (psia)} (659.2) (651.2) (643.2) {635.2) (627.2) (627.2) (627.2) (619.2) (619.2) (611.2)
Liquid Fraction 0 0 0 0.0312 0.2184 0 1 0.0308 0 0.1304
HYDROGEN 58,164.30 | 68,164.30 | 68,164.30 | 68,164.30 | 68,164.30 | 67,531.60 632.70 | 67,531.60 | 67,463.50 | 67,463.50
CARBON
MONOXIDE 1,031.10 1,031.10 1,031.10 1,031.10 1,031.10 1,008.60 22.60 1,008.60 1,006,10 1,006.10

METHANE 500.70 500.70 500.70 500.70 500.70 462.40 38.20 462.40 458.10 458.10
CARBON DIOXIDE | 62,901.60 | 62,901.60 | 62,901.60 | 62,901.60 | 62,901.60 | 33,708.80 [29,192.80 | 33,708.80 | 30,487.50 | 30,487.50
NITROGEN 4,683.90 4,683.90 4,683.90 4,683.90 4,683.90 4,586.80 97.10 4,586.80 4,576.10 4,576.10
TOTAL 137,281.60 | 137,281.60 | 137,281.60 | 137,281.60 | 137,281.60 | 107,298.20 29,983.40 | 107,298.20 | 103,991.30 | 103,991.30

Table 6 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Adsorption Stage (FIGS. 5a and 5b)

Stream Number 1 12 13 21 22 23 24 25 2 27
Temperature 412 -53,3 -53,3 78 -15,9 -18,9 27,7 -38,9 38,9 -38,9
(°C (°F)) (-42.2) (-64) (-64) (46) (3.9) (2) (-17.8) (-38) (-38) (-38)
Pressure 42692 | 42141 | 42141 | 45988 | 45436 | 44,885 | 44,333 | 43,782 | 43,782 | 43782
(hPa (psia)) (619.2) | (611.2) | (611.2) (667) (659) (651) (643) (635) (635) (635)
Liquid Fraction 1 0 1 0 00201 | 01299 | 03202 | 0.4541 0 1
HYDROGEN 68.20 | 67,20630 | 25720 | 6,720.60 | 6,720.60 | 6,720.60 | 6,720.60 | 6,720.60 | 6,525.20 | 195.40
CARBON MONOXIDE | 2.50 99520 10.80 99520 | 995.20 | 99520 | 99520 | 99520 | 930.10 65.20
METHANE 430 43720 20.90 42320 | 42320 | 42320 | 42320 | 42320 | 33820 85.00
CARBON DIOXIDE | 3,221.30 | 17,264.10 | 13,223.40 | 17,264.10 | 17,264.10 | 17,264.10 | 17,264.10 | 17,264.10 | 4,926.40 | 12,337.70
NITROGEN 1070 | 452090 | 4620 | 2,930.80 | 2,930.80 | 2,930.80 | 2,930.80 | 2,930.80 | 2,748.70 | 182.10
TOTAL 3,307.00 | 90,432.70 | 13,558.50 | 28,333.90 | 28,333.90 | 28,333.90 | 28,333.90 | 28,333.90 | 15,468.60 | 12,86540
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Table 6 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Adsorption Stage (FIGS. 5a and 5b)

Stream Number 28 29 30 31 32 33 41 42 43 44
Temperature -41,2 | -41,2 -533 -41,2 -53,3 -53,3 -53,3 -50,9 -41,1 -41,1
(°C{°F)) (-42.2) (-42.2) (-64) (-42.2) (-64) (-64) {-64) (-59.6) (-42) (-42)
Pressure 43,230 ‘ 43,230 42,679 43,230 42,679 42,679 42,141 42,141 41,589 41,589
(hPa (psia)} (627) (627) (619) (627) (619) (619) (611.2) (611.2) (603.2) (603.2)
Liquid Fraction 0.0314 0 0.1332 1 0 1 1 1 1 0
HYDROGEN 6,525.20 | 6,518.00 | 6,518.00 7.20 6,490.50 27.50 284.60 360.00 360.00 |67,206.30
CARBON MONOXIDE 930.10 927.60 92760 2.50 916.90 10.70 21.60 26.50 26.50 995.20

METHANE 338.20 334.90 33490 3.30 319.10 15.90 36.80 44.40 44.40 437.20

CARBON DIOXIDE 492640 | 4,460.10 | 4,460.10 | 466.30 | 2,548.60 | 1,911.50 | 15,134.90 | 18,822.60 | 18,822.60 | 17,264.10

NITROGEN 2,748.70 | 2,741.80 | 2,741.80 6.90 2,712.00 29.80 76.00 93.60 93.60 4,529.90

TOTAL 15,468.60 | 14,982.40 | 14,982.40 | 48620 | 12,987.10 | 1,995.40 | 15,553.90 | 19,347.10 | 19,347.10 | 90,432.70
Table 6 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Adsorption Stage (FIGS. 5a and 5b)

Stream Number 45 46 47 48 49 50 51 52 53 54
Temperature -41,1 -39,6 -39,6 -39,6 -39,0 -21,1 21,1 21,1 -10,3 54
(°C(°F)) (-42) (-39.2) (-39.2) (-39.2) (-38.2) (-6) (-6) (-6) {13.4) (41.8)
Pressure 42,127 41,589 40,900 40,900 48,829 48,277 41,038 41,575 47,726 40,486
(hPa (psia}} (611) (6032) | (593.2) | (593.2) | (708.2) | (700.2) | (595.2) (603) (6922) | (587.2)
Liquid Fraction 0 0.9988 0 1 1 1 0 0 1 0
HYDROGEN 6,490.50 | 1,188.10 72.70 1,115.50 | 1,115.50 | 1,115.50 | 67,206.30 | 6,490.50 | 1,115.50 | 67,206.30
CARBON MONOXIDE 916.90 114.30 3.00 111.30 111.30 111.30 995.20 916.90 111.30 995.20

METHANE 319.10 167.60 1.20 166.40 166.40 166.40 437.20 319.10 166.40 437.20

CARBON DIOXIDE 2,548.60 | 60,353.00| 41.30 |60,311.70 | 60,311.70 | 60,311.70 | 17,264.10 | 2,548.60 | 60,311.70 | 17,264.10

NITROGEN 2,712.00 372.80 10.40 362.50 362.50 362.50 4,529.90 | 2,712.00 362.50 4,529.90

TOTAL 12,987.10 | 62,195.80 | 128.60 | 62,067.40 | 62,067.40 | 62,067.40 | 90,432.70 | 12,987.10 | 62,067.40 | 90,432.70
Table 6 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Adsorption Stage (FIGS. 5a and 5b)

Stream Number 55 56 57 58 59 60 61 62 63 64
Temperature 5,4 10,0 8,9 93,7 35,0 1276 35,0 -18,9 -24,0 13,3
(°C°F)) (41.8) (50) (48) (200.7) {95) (261.7) {95) (-2) (-11.2) {55.9)
Pressure 41,024 39,776 7,908 19,443 19,098 46,884 46,540 48,815 40,900 49,160
(hPa {psia)) (595) (576.9} {114.7) (282) (277) (680) (675) {708) (593.2) (713)
Liquid Fraction 0 0 0 0 0 0 0 0 0.0031 1
HYDROGEN 6,490.50 | 60,485.70 | 6,720.60 | 6,720.60 | 6,720.60 | 6,720.60 | 6,720.60 | 1,115.40 | 1,188.10
CARBON MONOXIDE 916.90 995.20 995.20 995.20 995.20 995.20 110.80 113.80 0.50

METHANE 319.10 14.00 423.20 423.20 423.20 423.20 423.20 49.70 50.90 116.70
CARBON DIOXIDE 2,548.60 17,264.10 | 17,264.10 | 17,264.10 | 17,264.10 | 17,264.10 | 1,815.30 | 1,856.60 58,496.40
NITROGEN 2,712.00 | 1,599.00 | 2,930.80 | 2,930.80 | 2,930.80 | 2,930.80 | 2,930.80 | 361.40 371.80 1.00
TOTAL 12,987.10 | 62,098.70 | 28,333.9C | 28,333.90 | 28,333.90 | 28,333.90 | 28,333.90 | 3,452.60 3,581.20 | 58,614.60

Table 6 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Adsorption Stage (FIGS. 5a and 5b)

Stream Number 65 66 67 68 69
Temperature 13,8 15,4 33,1 6,7 -10,2
(°C{°F)) (56.9) {(59.7) (91.6) (44.1) (13.6)
Pressure 52,262 ‘ 51,711 151,685 39,776 48,953
(hPa (psia)) (758) {750) (2200) (576.9) {710)
Liquid Fraction 1 1 0 0 1
HYDROGEN 61,673.70 | 1,115.50
CARBON MONOXIDE 0.50 0.50 0.50 113.80 111.30

METHANE 116.70 116.70 116.70 64.90 166.40
CARBON DIOXIDE 58,496.40 | 58,496.40 | 58,496.40 | 1,856.60 | 60,311.70
NITROGEN 1.00 1.00 1.00 1,970.90 362.50
TOTAL 58,614.60 | 58,614.60 | 58,614.60 | 65,679.90 | 62,067.40
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Table 6 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Adsorption Stage (FIGS. 5a and 5b)

Stream Number 70 71 72 73 74 75 76 77 78 79
Temperature -38,9 -46,7 -55,6 -55,6 -55,6 -55,6 -42,4 0,1 -18,9 -38,9
(°C(°F)) (-38) (-52) (-68) {-68) (-68) (-68) (-44.3) (32.1) (-2) (-38)
Pressure 8,067 7,722 4,485 4,485 4,485 4,485 4,485 8,532 8,188 8,050
{hPa (psia)) (117) (112) | (65.043) | (65.043) | (65.043) | (65.043) | (60.043) | (123.75) | (118.75) | (116.75)
Liquid Fraction 1 1 0 0 0 0 0 0 1

ETHANE 19,960.30 | 19,960.30 | 19,960.30 19,960.30 | 19,960.30 | 19,960.30 | 19,960.30 | 19,960.30 | 19,960.30
TOTAL 19,960.30 | 19,960.30 | 19,960.30 - 19,960.30 | 19,960.30 | 19,960.30 [ 19,960.30 | 19,960.30 | 19,960.30
Table 6 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Adsorption Stage (FIGS. 5a and 5b)

Stream Number 80 81 82 83 84 85 86 87 90 91
Temperature 35,0 33,1 15,4 5,0 5,0 -21,1 21,1 -41,1 ‘ -41,1 -8,4
(°C(°F)) (95) {91.6) (59.8) (41) (41) {-6) (-6) (-42) (-42) (16.9)
Pressure 12,183 11,632 11,080 5,488 5,488 2,338 2,338 1,058 1,058 2,344
(hPa (psia)) (176.7) | (168.7) | (1607) | (79.589) | (79.589) | (33.911) [ (33.911) | (15.339) | (15.339) (34)
Liquid Fraction 1 0.9962 1 0 1 0 1 0 0 0

PROPANE 89,703.50 | 89,703.50 | 89,703.50 | 30,661.50 | 59,042.00 | 17,315.10 | 41,726.90 | 41,726.90 41,726.90 | 41,726.90
TOTAL 89,703.50 | 89,703.50 | 89,703.50 | 30,661.50 | 59,042.00 | 17,315.10 | 41,726.90 | 41,726.90 41,726.90 | 41,726.90
Table 6 {cont’d): Heat and Material Balance for CO, Recovery Fadility Utilizing Adsorption Stage (FIGS. 5a and 5b)
Stream Number 92 93 94 95 96

Temperature -12,1 25,8 18,8 58,6 35,0

(°C(°F)) (10.2) (78.5) (65.8) {137.4) (95)

Pressure 2,338 5,516 5,488 12,315 12,178

(hPa (psia)) (33.911) (80) (79.589) | (17862) | (176.62)

Liquid Fraction 0 0 [0} 0 1

PROPANE 59,042.00 | 59,042.00 | 89,703.50 | 89,703.50 | 89,703.50

TOTAL 59,042.00 | 59,042.00 | 89,703.50 | 89,703.50 | 89,703.50

Example 3: Simulation of a CO, Recovery Facility Utilizing a Deliberate Freezing Stage

[0104] The systemdepictedin FIGS. 6a and 6b was modeled using the PD-Plus Chemical Process Simulator (available
from Deerhaven Technical Software, Moultonborough, New Hampshire). Table 7, below, presents the Heat & Material
Balance (HVMB) obtained from the simulation of the CO, recovery facility that utilizes a deliberate freezing stage in the
second separation zone.
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Table 7: Heat and Material Balance for CO, Recovery Facility Utilizing Freezing Stage (FIGS. 6a and 6b)
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Stream Number 1 2 3 4 5 6 7 8 9 10
Temperature 7,6 -17,7 -18,9 -28,1 -38,9 -38,9 -38,9 -41,1 -41,1 -53,3
(“C(*F) 45.7) (0.1) (2) (-18.6) (-38) (-38) (-38) (-41.9) (-41.9) (-64)
Pressure 45,450 44,899 44,347 43,796 43,244 43,244 43,244 42,692 42,692 42,141
(hPa (psia)) (659.2) (651.2) (6432) (635.2) (627.2) (627.2) (627.2) (619.2) (619.2) (6112)
Liquid Fraction 0 0 0 0.0424 0.2184 0 1 0.0287 0 0.1323
HYDROGEN 68,164.30 | 68,164.30 | 68,164.30 | 68,164.30 | 68,164.30 | 67,531.60 632.70 67,531.60 | 67,468.10 | 67,468.10
CARBON
MONOXIDE 1,031.10 1,031.10 1,031.10 1,031.10 1,031.10 1,008.60 22,60 1,008.60 1,006.20 1,006.20

METHANE 500.70 500.70 500.70 500.70 500.70 462.40 38.20 462.40 458.40 458.40

CARBON DIOXIDE 62,901.60 | 62,901.60 | 62,901.60 | 62,901.60 | 62,901.60 | 33,708.80 | 29,192.80 33,708.80 | 30,707.70 | 30,707.70

NITROGEN 4,683.90 4,683.90 4,683.90 4,683.90 4,683.90 4,586.80 97.10 4,586.80 4,576.80 4,576.80

TOTAL 137,281.60 | 137,281.60 | 137,281.60 | 137,281.60 | 137,281.60 | 107,298.20 | 29,983.40 107,298.20 | 104,217.20 | 104,217.20
Table 7 {cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Freezing Stage (FIGS. 6a and 6b)

Stream Number 11 12 15 16 17 20 21 22 23 24
Temperature -53,3 -53,3 -56,6 -41,1 -48,0 -90,0 -90,0 -64,6 -56,1 -38,9
C(FY (-64) (-64) (-69.9) | (-41.9) | (-54.4) | (-130) (-130) (-84.2) (-69) (-38)
Pressure 42,141 42,141 42,141 42,692 42,141 42,141 42,141 40,486 39,107 15,006
(hPa (psia)) (6112) | 611.2) | (6112) | (619.2) | (611.2) | (611.2) | (611.2) | (587.2) | (567.2) | (217.65)
Liquid Fraction (4] 1 1 1 1 0 solid 0 0 1

HYDROGEN 67,206.70 261.40 47.50 63.50 111.10 | 67,159.10 67,159.10 | 67,159.10
CARBON MONOXIDE 995.20 11.00 2.10 2.30 4.40 993.10 993.10 993.10
METHANE 437.20 21.30 4.20 4.00 8.20 433.00 433.00 433.00
CARBON DIOXIDE 17,264.20 | 13,443.50 | 2,512.20 | 3,001.10 | 5,513.30 642.00 14,110.00 642.00 642.00
NITROGEN 4,529.90 47.00 8.90 10.00 18.90 4,521.00 4,521.00 4,521.00
ETHYLENE 69,740.50
TOTAL 90,433.20 | 13,784.20 | 2,574.90 | 3,080.90 | 5,655.90 | 73,748.20 14,110.00 | 73,748.20 | 73,748.20 | 69,740.50
Table 7 {cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Freezing Stage (FIGS. 6a and 6b)
Stream Number 25 26 27 28 32 33 34
Temperature -42,0 -55,6 -55,6 -73,3 -101,1 29,2 -45,3
(°C(°F)) (-43.6) (-68) (-68) {-100) {-150) (84.5) (-49.6)
Pressure 13,903 8,794 8,793 7,171 1,192 8,862 8,724
{hPa (psia)) (201.65) | {127.53) | (127.53) (104) (17.282) | (128.53) | (126.53)
Liquid Fraction 1 0 1 1 o} 0 0
ETHYLENE 69,740.50 | 26,629.60 | 43,110.90 | 43,110.90 | 43,110.90 | 43,110.90 69,740.50
TOTAL 69,740.50 | 26,629.60 | 43,110.90 | 43,110.90 | 43,110.90 | 43,110.90 69,740.50
Table 7 (cont’d): Heat and Material Balance for CO; Recovery Facility Utilizing Freezing Stage (FIGS. 6a and 6b)

Stream Number 35 37 38 39 40 41 42 43 44 45

Temperature -3,0 -411 -40,5 -40,5 -40,5 -39,9 -41,1 -22,8 -22,8 5,4
(°C (°F)) (26.6) (-42) (-40.9) (-40.9) (-40.9) (-39.9) (-42) (-9) (-9) (41.7)
Pressure 15,558 41,589 | 41,589 | 40,900 40,900 48,829 | 38,556 38,004 48,277 37,452
(hPa (psia)) {22565) | (6032) | (603.2) | (5932) | (593.2) | (708.2) | (559.2) | {551.2) | {(700.2) (543.2)
Liquid Fraction 0 1 0.9993 0 1 1 Q ¢} 1 0
HYDROGEN 261.40 1,005.20 45.80 959.40 959.40 67,159.10 | 67,159.10 959.40 67,159.10
CARBON MONOXIDE 11.00 38.00 0.70 37.30 37.30 993.10 993.10 37.30 993.10
METHANE 21.30 67.60 0.30 67.30 67.30 433,00 43300 67.30 433.00
CARBON DIOXIDE 13,443.50 | 48,149.60 22.50 48,127.10 | 48,127.10 642.00 642.00 48,127.10 642.00
NITROGEN 47.00 162.90 3.30 159.60 159.60 4,521.00 | 4,521.00 159.60 4,521.00
ETHYLENE 69,740.50
TOTAL 69,740.50 | 13,784.20 | 49,423.30 72.60 49,350.70 | 49,350.70 | 73,748.20 | 73,748.20 | 49,350.70 | 73,748.20
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Table 7 {cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Freezing Stage (FIGS. 6a and 6b)

Stream Number 46 47 48 49 51 52 53 54 55 71
Temperature -9,1 -89 -18,9 12,4 -38,9 ‘ -18,9 -42,2 3,8 -42,1 22,2
(°C(°F)) {15.7) (15.9) (-2) (54.4) (-38) {-2) (-44) (38.9) (-43.8) (72)
Pressure 47,726 48,953 48,815 49,160 8,724 15,144 41,451 37,452 42,830 11,101
(hPa (psia}) (692.2) (710) (708) (713) (126.53) | (219.65) (601.2) (543.2) (621.2) (161)
Liquid Fraction 1 1 0 1 0 0 1 0 1 1
HYDROGEN 959.40 959.40 936.30 23.10 68,141.20
CARBON MONOXIDE 37.30 37.30 20.30 17.00 1,014.10

METHANE 67.30 67.30 13.10 54.20 446.50

CARBON DIOXIDE 48,127.10 | 48,127.10 | 1,161.20 | 46,965.90 14,110.00 | 1,825.70 | 14,110.00

NITROGEN 159.60 159.60 90.90 68.70 4,615.10

ETHYLENE 43,110.90 | 69,740.50

PROPANE 114,979.50
TOTAL 49,350.70 | 49,350.70 | 2,221.80 | 47,128.90 | 43,110.90 | 69,740.50 | 14,110.00 | 76,042.60 | 14,110.00 | 114,979.50

Table 7 (cont’d): Heat and Material Balance for CO; Recovery Facility Utilizing Freezing Stage (FIGS. 6a and 6b)

Stream Number 72 73 74 75 76 77 78 82 83 84
Temperature 20,5 5,0 5.0 09 211 -21,1 27,7 -41,1 -84 -11,1
(°C{°F)) (68.9) (41) (41) (33.6) {(-6) (-6) (-17.9) (-42) (16.9) (12)
Pressure 10,549 5,438 5,516 4,964 2,338 2,338 1,827 1,058 2,344 2,338
(hPa (psia)) (153) (79.589) (80) (72) {33.911) (33.911) {26.5) (15.339) (34) (33.911)
Liquid Fraction 1 0 1 1 0 1 0.9821 0 0 Y]
PROPANE 114,979.50 | 34,814.30 | 80,165.20 | 80,165.20 | 17,162.90 | 63,002.30 | 63,002.30 | 63,002.30 | 63,002.30 | 80,165.20
TOTAL 114,979.50 | 34,814.30 | 80,165.20 | 80,165.20 | 17,162.90 | 63,002.30 | 63,002.30 | 63,002.30 | 63,002.30 | 80,165.20

Table 7 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Freezing Stage (FIGS. 6a and 6b)

Stream Number 85 86 87 88 89 20 91 92 93 94
Temperature 26,8 20,3 62,3 55,7 35,0 22,2 -24,4 -23,8 1,7 -17,8
(°C(°F)) (80.2) (68.5) (144.2) (132.2) {95) (72) (-12) (-10.8) (35) {56.5)
Pressure 5,516 5,488 12,867 12,315 12,178 11,074 42,279 50,277 49,725 49,173
(hPa (psia)) (80) {79.589) (186.62) (178.62) (176.62) (160.62) (613.2) (729.2) (721.2) (713.2)
Liquid Fraction 0 0 0 0 1 1 1 1 1 1
CARBON DIOXIDE 14,110.00 | 14,110.00 | 14,110.00 | 14,110.00
PROPANE 80,165.20 | 114,979.50 | 114,979.50 | 114,979.50 | 114,979.50 | 114,979.50
TOTAL 80,165.20 | 114,979.50 | 114,979.50 | 114,979.50 | 114,979.50 | 114,979.50 | 14,110.00 | 14,110.00 { 14,110.00 | 14,110.00

Table 7 (cont’d): Heat and Material Balance for CO, Recovery Facility Utilizing Freezing Stage (FIGS. 6a and 6b)

Stream Number 95 96 97 98 99
Temperature 12,7 29,6 24,1 51,2 25,2
cc'n) (54.9) (85.3) (75.3) (124.2) (77.8)
Pressure 49,160 151,685 36,901 36,349 11,626
{hPa (psia)) (713) (2200) (535.2) (527.2) (168.62)
Liquid Fraction 1 0 0 0 1
HYDROGEN 23.10 23.10 68,141,20 68,141.20
CARBON MONOXIDE 17.00 17.00 1,014.10 1,014.10

METHANE 54.20 54.20 446.50 446.50

CARBON DIOXIDE 61,075.90 61,075.90 1,825.70 1,825.70

NITROGEN 68.70 68.70 4,615.10 4,615.10

ETHYLENE

PROPANE 114,579.50
TOTAL 61,238.90 61,238.90 76,042.60 76,042.60 114,979.50

EXAMPLE 4: Comparison of Total Energy Usage Amongst Various Types of CO, Recovery Facilities
[0105] Two commercial-scale H,S and CO, recovery facilities, each employing a DEPG-based two-stage process,

were simulated using ProMax® Software (available from Bryan Research & Engineering, Inc., in Bryan, Texas). Plant
A was simulated to have a specification CO level in the recovered CO, of about 1,000 ppm by volume and Plant B was
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modeled with a 200 ppm CO specification limit. The total energy usage for Plants A and B (including the energy required
to compress the final CO, product to a discharge pressure of 151,684.7 hPa (2,200 psia)) was calculated and compared
with the energy usage for each of the inventive Plants 1-3 respectively described in Examples 1-3, above. Table 8,
below, summarizes the total energy usage per CO, recovered, CO limit in the recovered CO,, the total energy usage
(in kW), and the total amount of CO, recovered (in Ibmol/hr) for comparative Plants A and B and inventive Plants 1-3.
The total energy usage encompasses all electrical loads for each plant, including the energy required for H,S removal,
CO, capture, and CO, compression for each facility.

Table 8: Comparison of Energy Usage Amongst Various CO, Recovery Facilities

blant T;t:c'i'z';%y(r‘fv‘;f;gf{ksv?z CO limitin Captured Total Total CO, Recovered
CO, (ppm) Power (kW) (kmol/hr (Ibmol/hr))
Ibmol))
A 6.04 (2.74) 1000 72,077 11,933 (26,307)
B 9.48 (4.30) 200 48,436 5,114 (11,275)
1 3.04 (1.38) 114 82,687 27,148 (59,850)
2 3.44 (1.56) 10 90,010 26,542 (58,515)
3 452 (2.05) 228 125,266 27,778 (61,239)

[0106] As shown in Table 8, an energy savings (in kW/Ib-mol CO, recovered) is obtained by employing the processes
and systems configured according to various embodiments of the present invention (e.g., Plants 1-3). Plant 1, which
employs an absorption recovery stage, provides an energy savings of up to 68 percent, as compared to a conventional
CO, recovery facility with similar CO limits (e.g., Plant B). Even Plant 3, which has the highest energy usage of the three
inventive facilities, demonstrates a nearly 53 percent energy savings over conventional recovery facilities having similar
CO limits. Even though Plant 3 does not meet the 200 ppm CO specification limit, as modeled herein, it should be noted
that additional optimization can be conducted to improve this design. Plants 1 and 2 demonstrate higher levels of energy
savings than the conventional technologies, as exemplified by comparative Plants A and B.

[0107] The preferred forms of the invention described above are to be used as illustration only, and should not be
used in a limiting sense to interpret the scope of the present invention.

Claims

1. A method of recovering carbon dioxide (CO,) in a liquid state from a high-pressure gas stream, said method com-
prising:

(a) cooling and partially condensing a high-pressure feed gas stream (100A) to thereby provide a condensed
CO,-rich fraction (170) and an uncondensed CO,-lean fraction (160);

(b) recovering a CO,-rich liquid stream (230) from at least a portion of said uncondensed CO,-lean fraction
(160), wherein said recovering comprises one or more of the following steps -

(i) absorbing CO, from said uncondensed CO,-lean fraction (160), wherein said absorbing includes ab-
sorbing CO, from said uncondensed CO-lean fraction (160) using one or more circulating liquid solvents
to produce a CO4-rich off gas stream (220), wherein said CO,-rich off gas stream (220) is compressed
and/or cooled to produce said CO4-rich liquid stream (230) recovered in step (b), and/or

(i) adsorbing CO, from said uncondensed CO,-lean fraction (160), and/or

(iii) freezing CO, from said uncondensed CO,-lean fraction (160);

(c) combining said CO,-rich liquid stream (230) recovered in step (b) with said condensed CO,-rich fraction
(170) resulting from said cooling and partially condensing of step (a) to provide a combined COo-rich liquid
stream (260) and introducing said combined CO,-rich liquid stream (260) into a purification zone (300); and
(d) separating at least a portion of the non-CO, components from said combined CO4-rich liquid stream (260)
introduced into said purification zone {300) to thereby provide a purified CO,-rich liquid stream (320),

wherein each of said high-pressure feed gas stream (100A), said condensed CO,-rich fraction (170), and said
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purified CO,-rich liquid stream (320) has apressure greater than 5,309 hPa (77 psia).

The method of claim 1, wherein said condensed CO,-rich fraction (170) comprises at least 10 percent of the total
CO, originally present in said high-pressure feed gas stream (100A) and said uncondensed COo-lean fraction (160)
comprises at least about 50 percent of the total non-CO, components originally present in said high-pressure feed
gas stream (100A).

The method of claim 1, wherein said purified CO, liquid stream (320) comprises at least 75 percent of the CO,
originally present in said high-pressure feed gas stream (100A).

The method of claim 1, wherein not more than 90 percent of the CO, present in said purified CO,-rich liquid stream
(320) was subjected to compression during said recovering of step (b).

The method of claim 1, wherein the pressure of said uncondensed CO,-lean fraction (160) is within 13,790 hPa
(200 pounds per square inch, psi) of the pressure of said high-pressure feed gas stream (100A) prior to said cocling
of step (a).

The method of claim 1, wherein said condensed CO,-rich fraction (170) and said combined CO,-rich liquid stream
(260) have a pressure of at least 34,475 hPa (500 psia).

The method of claim 1, wherein said high-pressure feed gas stream (100A) has a pressure of at least 24,133 hPa
(350 psia) and comprises at least 20 mole percent CO, prior to said cooling of step (a), wherein said high-pressure
feed gas stream (100A) has been pre-treated for the removal of non-methane hydrocarbons, sulfur-containing
compounds, and water prior to said cooling of step (a).

The method of claim 1, further comprising, prior to said cooling of step (a), passing said high-pressure gas stream
(100A) through at least one membrane separation device to thereby provide a first permeate stream (102) and a
first CO5-enriched non-permeate stream (100B), wherein said high-pressure feed gas stream at least partially con-
densed in step (a) comprises at least a portion of said first CO,-enriched non-permeate stream (100B).

The method of claim 1, wherein at least a portion of said cooling of step (a) is provided by a cascade refrigeration
system, a mixed refrigeration system, an acoustic refrigeration system, and/or an absorption refrigeration system.

The method of claim 1, wherein said recovering of step (b) comprises adsorbing and/or absorbing CO, from said
uncondensed CO,-lean fraction (160) to thereby produce a CO,-rich gaseous stream (220), wherein said recovering
of step (b) includes compressing and/or cooling said CO,-rich gaseous stream (220) to form said CO_-rich liquid
stream (230) having a pressure of at least 6,895 hPa (100 psig).

The method of claim 1, wherein said recovering of step (b) comprises adsorbing CO, from said uncondensed
CO,-lean fraction (160) using a solid adsorbent material to thereby provide a CO,-rich tail gas stream (220), wherein
said CO,-rich liquid stream (230) recovered in step (b) has a pressure of atleast 5,309 hPa (77 psia) and comprises
at least a portion of said CO,-rich tail gas stream (220).

The method of claim 1, wherein said recovering of step (b) comprises absorbing CO, from said uncondensed
COx-lean fraction (160) wherein said CO4-rich liquid stream (230) has a pressure of at least 5,309 hPa (77 psia),
wherein said circulating liquid solventis selected from a group consisting of methanol, dimethyl ethers of polyethylene
glycol, N-methylpyrrolidone, N-formylmorphline and/or N-amylmorpholine sulfolane and di-isopropanclamine or sul-
folane and methyldiethanolamine), sulfolane and sterically-hindered amine, reversible ionic liquids, propylene car-
bonate, hot potassium carbonate, amines, chilled ammonia, ammonium carbonate, and combinations thereof.

The method of claim 1, wherein said recovering of step (b) comprises freezing CO, from said uncondensed CO-lean
fraction (160) using one or more direct or indirect heat exchange methods to thereby provide a plurality of CO, solids
and melting at least a portion of said CO, sclids to thereby provide said CO,-rich liquid stream (230) having a
pressure of at least 5,309 hPa (77) psia.

The method of claim 1, wherein said high-pressure feed gas stream (100A) comprises a hatural gas or a synthesis
gas stream.
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Patentanspriiche

1. Verfahren zum Gewinnen von Kohlendioxid (CO,)in einem fliissigen Zustand aus einem Hochdruckgasstrom, wobei

10

15

20

25

30

35

40

45

50

55

das Verfahren:

(a) das Abkihlen und teilweise Kondensieren eines Hochdruck-Einsatzgasstroms (100A), wodurch eine kon-
densierte CO,-reiche Fraktion (170) und eine unkondensierte CO,-arme Fraktion (160) bereitgestellt werden;
(b) das Gewinnen eines CO,-reichen Fliissigkeitsstroms (230) zumindest aus einem Teil der unkondensierten
CO,-armen Fraktion (160), wobei das Gewinnen einen oder mehrere der folgenden Schritte umfasst -

(i) das Absorbieren von CO, aus der unkondensierten CO,-armen Fraktion (160), wobei das Absorbieren
das Absorbieren von CO, aus der unkondensierten CO,-armen Fraktion (160) unter Verwendung eines
oder mehrerer umlaufender flissiger Losungsmittel unter Erzeugung eines CO,-reichen Abgasstroms (220)
umfasst, wobei der CO,-reiche Abgasstrom (220) unter Erzeugung des in Schritt (b) gewonnenen COo-rei-
chen Fliissigkeitsstroms (230) verdichtet und/oder abgekuhlit wird, und/oder

(i) das Adsorbieren von CO, aus der unkondensierten CO»-armen Fraktion (160) und/oder

(iiif) das Gefrieren von CO, aus der unkondensierten CO,-armen Fraktion (160);

(c) das Kombinieren des in Schritt (b) gewonnenen CO,-reichen Flissigkeitsstroms (230) mit der kondensierten
CO,-reichen Fraktion (170), die aus dem Abkuhlen und teilweise Kondensieren von Schritt (a) resultiert, um
einen kombinierten CO,-reichen Flissigkeitsstrom (260) bereitzustellen, und das Einleiten des kombinierten
CO,-reichen Flussigkeitsstroms (260) in eine Reinigungszone (300) und

(d) das Abtrennen zumindest eines Teils der Nicht-CO,-Komponenten aus dem in die Reinigungszone (300)
eingeleiteten kombinierten CO,-reichen Flussigkeitsstrom (260), wodurch ein gereinigter CO,-reicher Fliissig-
keitsstrom (320) bereitgestellt wird,

wobei der Hochdruck-Einsatzgasstrom (100A), die kondensierte COo-reiche Fraktion (170) und der gereinigte
CO,-reiche Flussigkeitsstrom (320) jeweils einen Druck von mehr als 5.309 hPa (77 psia) haben.

Verfahrennach Anspruch 1, wobeidie kondensierte CO,-reiche Fraktion (170) mindestens 10 Prozent des gesamten
CO,, das urspriinglich in dem Hochdruck-Einsatzgasstrom (100A) vorhanden ist, umfasst, und die unkondensierte
CO,-arme Fraktion (160) mindestens etwa 50 Prozent der gesamten Nicht-CO,-Komponenten, die urspringlich in
dem Hochdruck-Einsatzgasstrom (100A) vorhanden sind, umfasst.

Verfahren nach Anspruch 1, wobei der gereinigte CO,-Flissigkeitsstrom (320) mindestens 75 Prozent des CO,,
das urspringlich in dem Hochdruck-Einsatzgasstrom (100A) vorhanden ist, umfasst.

Verfahren nach Anspruch 1, wobei nicht mehr als 90 Prozent des in dem gereinigten CO,-reichen Flussigkeitsstrom
(320) vorhandenen CO, wahrend der Gewinnung von Schritt (b) verdichtet werden.

Verfahren nach Anspruch 1, wobei der Druck der unkondensierten CO,-armen Fraktion (160) innerhalb von 13.790
hPa (200 Pfund pro Quadratinch, psi) des Druckes des Hochdruck-Einsatzgasstroms (100A) vor dem Abkithlen von
Schritt (a) liegt.

Verfahren nach Anspruch 1, wobei die kondensierte CO,-reiche Fraktion (170) und der kombinierte CO,-reiche
Flussigkeitsstrom (260) einen Druck von mindestens 34.475 hPa (500 psia) haben.

Verfahren nach Anspruch 1, wobei der Hochdruck-Einsatzgasstrom (100A) vor dem Abkihlen von Schritt (a) einen
Druck von mindestens 24.133 hPa (350 psia) hatund mindestens 20 Molprozent CO, umfasst, wobei der Hochdruck-
Einsatzgasstrom (100A) zum Entfernen von Nicht-Methankohlenwasserstoffen, schwefelhaltigen Verbindungen und
Wasser vor dem Abklhlen von Schritt (a) vorbehandelt worden ist.

Verfahren nach Anspruch 1, das vor dem Abkuhlen von Schritt (a) ferner das Leiten des Hochdruckgasstroms
(100A) durch mindestens eine Membrantrennvorrichtung umfasst, wodurch ein erster Permeatstrom (102) und ein
erster CO5-angereicherter Nicht-Permeatstrom (100B) bereitgestellt werden, wobei der in Schritt (a) zumindest
teilweise kondensierte Hochdruck-Einsatzgasstrom zumindest einen Teil des ersten CO,-angereicherten Nicht-
Permeatstroms (100B) umfasst.
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Verfahren nach Anspruch 1, wobei zumindest ein Teil des Abkihlens von Schritt (a) mittels eines Kaskadenkihl-
systems, eines Misch-Kilhlsystems, eines Akustikkiihlsystems und/oder eines Absorptionskihlsystems bewerkstel-
ligt wird.

Verfahren nach Anspruch 1, wobei das Gewinnen von Schritt (b) das Adsorbieren und/oder Absorbieren von CO,
aus der unkondensierten CO,-armen Fraktion (160) umfasst, wodurch ein CO,-reicher gasformiger Strom (220)
erzeugt wird, wobei das Gewinnen von Schritt (b) das Verdichten und/oder Abkiihlen des CO,-reichen gasférmigen
Stroms (220) unter Bildung des CO,-reichen Fliissigkeitsstroms (230) mit einem Druck von mindestens 6.895 hPa
(100 psig) einschliel3t.

Verfahren nach Anspruch 1, wobei das Gewinnen von Schritt (b) das Adsorbieren von CO, aus der unkondensierten
CO,-armen Fraktion (160) unter Verwendung eines festen Adsorptionsmaterials umfasst, wodurch ein COo-reicher
Abgasstrom (220) bereitgestellt wird, wobei der in Schritt (b) gewonnene CO,-reiche Fliissigkeitsstrom (230) einen
Druck von mindestens 5.309 hPa (77 psia) hat und zumindest einen Teil des CO,-reichen Abgasstroms (220)
umfasst.

Verfahren nach Anspruch 1, wobei das Gewinnen von Schritt (b) das Absorbieren von CO, aus der unkondensierten
COj-armen Fraktion (160) umfasst, wobei der CO,-reiche Flissigkeitsstrom (230) einen Druck von mindestens
5.309 hPa (77 psia) hat, wobei das umlaufende flissige Lésungsmittel ausgewahlt ist aus der Gruppe, bestehend
aus Methanol, Dimethylethern von Polyethylenglycol, N-Methylpyrrolidon, N-Formylmorpholin und/oder N-Amyl-
morpholinsulfolan und Di-isopropanolamin oder Sulfolan und Methyldiethanolamin, Sulfolan und sterisch gehinder-
tem Amin, reversiblen ionischen Flissigkeiten, Propylencarbonat, heitem Kaliumcarbonat, Aminen, kaltem Ammo-
niak, Ammoniumcarbonat und Kombinationen.

Verfahren nach Anspruch 1, wobei das Gewinnen von Schritt (b) das Gefrieren von CO, aus der unkondensierten
CO,-armen Fraktion (160) unter Anwendung eines oder mehrerer direkter oder indirekter Wéarmetauschverfahren,
wodurch mehrere CO,-Feststoffe bereitgestellt werden, und das Schmelzen zumindest eines Teils der CO,-Fest-
stoffe umfasst, wodurch der CO,-reiche Flussigkeitsstrom (230) mit einem Druck von mindestens 5.309 hPa (77
psia) bereitgestellt wird.

Verfahren nach Anspruch 1, wobei der Hochdruck-Einsatzgasstrom (100A) ein natirliches Gas oder ein Synthese-
gasstrom ist.

Revendications

1.

Procedé de récupération du dioxyde de carbone (CO,) & I'état liquide a partir d’'un flux gazeux & haute pression,
ledit procédé comprenant les étapes consistant a :

(a) refroidir et condenser partiellement un flux gazeux d’alimentation a haute pression (100A) pour obtenir ainsi
une fraction condensée riche en CO, (170) et une fraction non condensée pauvre en CO, (160);

(b) récupérer un flux liquide riche en CO, (230) a partir d’au moins une partie de ladite fraction non condensée
pauvre en CO, (160), dans lequel ladite récupération comprend une ou plusieurs des étapes suivantes consistant
a -

(i) absorberle CO, de ladite fraction non condensée pauvre en CO,(160), danslequel ladite étape consistant
aabsorber comprend I'absorption du CO, de ladite fraction non condensée pauvre en CO, (160) en utilisant
un ou plusieurs solvants liquides en circulation pour produire un flux gazeux riche en CO, (220), dans
lequel ledit flux gazeux riche en CO, (220) est comprimeé et/ou refroidi pour produire ledit flux liguide riche
en CO, (230) récuperé a l'étape (b), et/ou

(i) adsorber le CO,, de ladite fraction non condensée pauvre en CO, (160), et/ou

(iii) congeler le CO, de ladite fraction non condensée pauvre en CO, (160) ;

(c) combiner ledit flux liquide riche en CO, (230) récupéré a I'étape (b) avec ladite fraction condensée riche en
CO, (170) résultant duditrefroidissement et de la condensation partielle de I'étape (a) pour fournir un flux liquide
riche en CO, combiné (260) et introduire ledit flux liquide riche en CO, combiné (260) dans une zone de
purification (300) ; et

(d) séparer au moins une partie des composants autres que le CO, dudit flux liquide riche en CO, combiné
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(260) introduit dans ladite zone de purification (300) pour fournir ainsi un flux liquide riche en CO, purifié (320),

dans lequel chaque élément parmiledit flux gazeux d'alimentation & haute pression (100A), ladite fraction condensée
riche en CO, (170) et ledit flux liquide riche en CO,, purifié (320) présente une pression supérieure a 5 309 hPa (77
psia).

Procede selon la revendication 1, dans lequel ladite fraction condensée riche en CO, (170) comprend au moins 10
pourcent du CO,, total initialement présent dans ledit flux gazeux d’alimentation a haute pression (100A) et ladite
fraction non condensée pauvre en CO, (160) comprend au moins environ 50 pourcent des composants totaux
autres que le CO, initialement présents dans ledit flux gazeux d'alimentation a haute pression (100A).

Procéde selon la revendication 1, dans lequel ledit flux de CO, liquide purifié (320) comprend au moins 75 pourcent
du CO, initialement présent dans ledit flux gazeux d’alimentation a haute pression (100A).

Procede selon la revendication 1, dans lequel pas plus de 90 pourcent du CO, présent dans ledit flux liguide riche
en CO, purifié (320) a été soumis a4 une compression pendant ladite récupération de I'étape (b).

Procédeé selon la revendication 1, dans lequel la pression de ladite fraction non condensée pauvre en CO, (160)
est a moins de 13 790 hPa (200 livres par pouce carré, psi) de la pression dudit flux gazeux d’alimentation a haute
pression (100A) avant ledit refroidissement de I'étape (a).

Procede selon la revendication 1, dans lequel ladite fraction condensée riche en CO, (170) et ledit flux liquide riche
en CO, combiné (260) présentent une pression d’au moins 34 475 hPa (500 psia).

Procédé selon la revendication 1, dans lequel ledit flux gazeux d’alimentation a haute pression (100A) présente
une pression d’au moins 24 133 hPa (350 psia) et comprend au moins 20 pourcent en moles de CO, avant ledit
refroidissement de I'étape (a), dans lequel ledit flux gazeux d’alimentation a haute pression (100A) a été prétraité
pour I'élimination des hydrocarbures non méthaniques, des composés contenant du soufre, et de I'eau avant ledit
refroidissement de I'étape (a).

Procédé selon la revendication 1, comprenant en outre, avant ledit refroidissement de I'étape (a), le passage dudit
flux gazeux a haute pression (100A) a travers au moins un dispositif de séparation @ membrane pour fournir ainsi
un premier flux de perméat (102) et un premier flux de non-perméat enrichi en CO, (100B), dans lequel ledit flux
gazeux d’alimentation a haute pression au moins partiellement condensé dans I'étape (a) comprend au moins une
partie dudit premier flux de non-perméat enrichi en CO, (100B).

Procédé selon la revendication 1, dans lequel au moins une partie dudit refroidissement de I'étape (a) est fournie
parun systéme de réfrigération en cascade, un systéme de réfrigération mixte, un systéme de réfrigération acoustique
et/ou un systéme de réfrigération a absorption.

Procédé selon la revendication 1, dans lequel ladite récupération de I'étape (b) comprend l'adsorption et/ou I'ab-
sorption du CO, de ladite fraction non condensée pauvre en CO, (160) pour produire ainsi un flux gazeux riche en
CO, (220), dans lequel ladite récupération de I'étape (b) comprend la compression et/ou le refroidissement dudit
flux gazeux riche en CO, (220) pour former ledit flux liquide riche en CO, (230) presentant une pression d’au moins
6 895 hPa (100 psig).

Procéde selon la revendication 1, dans lequel ladite récupération de I'étape (b) comprend I'adsorption du CO, de
ladite fraction non condensée pauvre en CO, (160) en utilisant un matériau adsorbant sclide pour fournir ainsi un
flux gazeux résiduaire riche en CO, (220), dans lequel ledit flux liquide riche en CO, (230) récupéré dans I'étape
(b) présente une pression d’au moins 5 309 hPa (77 psia) et comprend au moins une partie dudit flux gazeux
résiduaire riche en CO, (220).

Procéde selon la revendication 1, dans lequel ladite récupération de I'étape (b) comprend 'absorption de CO, a
partir de ladite fraction non condensée pauvre en CO, (160), dans lequel leditflux liquide riche en CO, (230) présente
une pression d’au moins 5 309 hPa (77 psia), dans lequel ledit solvant liguide en circulation est choisi dans un
groupe constitué de méthanol, éthers diméthyliques de polyéthyléneglycol, N-méthylpyrrolidone, N-formylmorphline
et/ou N-amylmorpholine sulfolane et di-isopropanolamine ou sulfolane et méthyldiéthanolamine), sulfolane et amine
stériquement encombrée, liquides ioniques réversibles, carbonate de propylene, carbonate de potassium chaud,
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amines, ammoniac réfrigéré, carbonate d’ammonium et leurs combinaisons.

Procedeé selon la revendication 1, dans lequel ladite récupération de I'étape (b) comprend la congélation du CO,
de ladite fraction non condensée pauvre en CO, (160) en utilisant un ou plusieurs procédés d’échange de chaleur
directs ou indirects pour fournir ainsi une pluralité de solides de CO, et la fusion d'au moins une partie desdits
solides de CO, pour fournir ainsi ledit flux liquide riche en CO, (230) présentant une pression d'au moins 5 309 hPa
(77) psia.

Procédé selon la revendication 1, dans lequel ledit flux gazeux d’alimentation & haute pression (100A) comprend
un flux gazeux naturel ou gazeux de synthése.
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